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CHAPTER 1: INTRODUCTION 

 

1.1 Precise ion-ion separation and lithium extraction from brine lakes 

 

The precise separation of solutes has emerged as a crucial frontier in membrane-based 

separations  due to the growing demand for selective separation in applications such as nutrient 

recovery from wastewater,1 water softening,2,3 extraction of critical minerals from brines,4ï6 and 

industrial wastewater reuse.7 For example, trace organic contaminants pose a significant threat to 

water security,8 but current membrane filtration processes face a challenge in effectively separating 

micropollutants from inorganic ions, which makes costly remineralization necessary as a post-

treatment practice.9 Urban wastewater is a crucial source of phosphorus, with sewage sludge 

containing over 90% of the influent phosphorus.10 Nanofiltration (NF) can be a competitive 

phosphorus recovery technology compared to the conventional struvite precipitation method, if a 

membrane can achieve high permeability of inorganic phosphorus while maintaining sufficient 

rejections to harmful substances. Furthermore, mineral scaling is a significant challenge faced by 

all desalination and wastewater treatment processes, which increases process cost and energy 

consumption. As most scalants are in the form of multivalent ions (e.g., Ca2+, Mg2+, Ba2+, and 

SO4
2ī), separating these ions from monovalent ions (e.g., Na+ and Clī) in the feedwater is a 

necessary pre-treatment for scaling control. 

Precise solute separation involves the separation of individual solutes with high 

accuracy,11ï14 rather than simply separating all solutes from the feedwater. One potentially 

prominent application of precise ion-ion separation for enabling the extraction of target solutes as 

the primary product is lithium (Li) extraction from brines rich in magnesium (Mg). The global 

annual lithium consumption is expected to increase significantly, reaching an estimated 95,000 

tons in 2025.15 This has led to a growing interest from industry and researchers in extracting 

lithium ions from salt-lake brines, which can contain high concentrations of lithium ions from 

hundreds to thousands of parts per million.15ï17 However, for battery purity lithium carbonate, it is 

crucial to remove divalent cations such as Mg2+ and Ca2+. The composition of brine varies widely 

around the world, making it difficult to develop a one-size-fits-all solution. The conventional 

evaporation-precipitation technology has been used for brine lakes with a relatively low Mg2+/Li+ 

ratio,15,16 but is not suitable for brines with high Mg2+/Li+ ratio. Significant technological 



2 

 

advancements have been made to enhance the separation factor of Mg2+/Li+, including ion-sieving 

adsorption, selective electrodialysis (ED), liquid-liquid extraction, membrane extraction, ion-

selective dialysis, and NF.18 A representative treatment train includes an evaporative process for 

precipitating out sodium and potassium salts, a NF or ED process for separating Li+ and Mg2+, a 

reverse osmosis process to concentrate the Li-rich stream, and a final precipitation process for 

generating lithium carbonate as the product.19 Li+/Mg2+ separation based on NF or ED is the most 

critical and technically challenging as compared to other unit processes that are relatively mature.  

In general, precise solute separation becomes challenging when the solutes to be separated 

have similar size and charges.20 Achieving ion-ion separation with membrane-based processes 

demands the membranes possessing more controlled selectivity with precision at the subnanometer 

or even subangstrom scale.13 Thus, much effort has been devoted in recent years to develop high-

performance NF membranes and ion exchange membranes (IEMs) for precise ion-ion separation.20 

 

1.3 Nanofiltration  

 

NF is a pressure-driven membrane process, which can separate inorganic salts and small 

organic molecules from solvent. NF membrane, usually prepared from polyamide with interfacial 

polymerization21, is considered to be an intermediate between porous membranes, such as 

ultrafiltration (UF) and microfiltration (MF) membranes, and non-porous membranes, such as 

reverse osmosis (RO) membrane. The nanoscale pores in NF membrane are typically less than 2 

nm22. The separation mechanisms of NF are known to include both size sieving and electrostatic 

effects as most NF membranes are slightly charged23. Compared to RO membrane, NF membrane 

has a ñlooserò network of polymer, which results in a lower required operating pressure22. Due to 

these characteristics, NF process has been applied in brackish water desalination24, water 

softening25, food processing26, wastewater reuse27ï29 and treating industrial wastewater30. NF 

membranes with precisely controlled pore size distribution and positively charged functional 

groups have been developed with great efforts for Li/Mg separation. More recently, membrane 

structures with coordination chemistry are suggested to have better ability for ion specific 

separation.20,31 
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The development of NF membranes capable of precise ion-ion separation is still in its 

burgeoning stage without a standardized protocol for evaluating selectivity. The use of different 

evaluation methods based on fundamentally different driving forces and transport mechanisms 

render the comparability of the measured selectivity questionable.32 A systematic comparison of 

selectivity measured with different methods and a standardized protocol for selectivity evaluation 

are needed. Regardless of the wide application of selectivity and its potential incomparability 

across studies, it remains unclear what exactly a good NF membrane is for any ion-ion separation. 

Selectivity alone may not be a sufficient performance metric for evaluating NF-based ion-ion 

separation. Besides the development of novel membranes with better ion-ion separation ability, 

process optimization and innovation may also improve the NF-based separation performance. 

 

1.4 Electrodialysis 

 

ED is an electrical separation technology that employs ion-exchange membranes (IEMs) 

to separate ions. The membranes are arranged alternately in a stack and facilitate the transfer of 

salt ions from the diluted to the concentrated solution side under an applied electric field.33 IEMs 

are made up of polymeric films with charged ionic functional groups that allow the transport of 

oppositely charged species (counterions), while retaining like-charged ions (co-ions). IEMs have 

been utilized successfully in various applications, such as ED desalination, fuel cells, and the 

chloralkali process.33 Besides their primary function of charge selectivity, IEMs can be utilized for 

other selective separations. Monovalent ion selective IEMs, usually a composite structure, can 

separate and recover Li+ from Mg2+ in lithium-rich brines,34 by discriminating between like-

charged ions of different valences with a thin surface modification layer of opposite charges. 

Advancing IEM selectivity to differentiate between different ions with the same valence, by 

considering coordination chemistry in structure design,35ï37 would allow for specific ion 

separations. Enhancing IEMs' function from just ion exchange to ion-selective separations would 

improve the cost-effectiveness and energy-efficiency of current IEM-based applications and 

expand their utility to meet emerging separation needs. 

Although ED process has been extensively modeled in the literature with either 

phenomenological models using salt and water transport numbers or more mechanistic models 
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solving the extended Nernst-Planck equation, only a few studies have focused on the selective 

separation with mixed electrolyte solutions.38ï41 Even fewer studies have applied modeling 

approaches to investigate the impacts of IEM properties and operating conditions on the ion-ion 

selectivity.39,42 Moreover, the recent development of Manningôs counter-ion condensation theory 

has not been extended to describe the selective ion transport across IEMs,43,44 which, if accounted 

for, should give more accurate predictions of ion-ion selectivity. A mechanistic ion transport model 

can help guide the future IEMs design with better ion-ion selectivity.  

 

1.5 Objectives and Hypotheses 

 

The overarching goal of this dissertation is to advance the understanding of ion-ion 

separation in NF and ED from microscopic ion transport to process-scale performance evaluation, 

for tackling the specific challenge of lithium extraction from brine lakes with a high mass ratio of 

Mg2+ over Li+. 

The first objective is to evaluate the comparability of ion-ion selectivity measured by 

different approaches and propose a standard protocol of selectivity evaluation for filtration-based 

membranes. My hypothesis is that selectivity measured using different methods, or even different 

conditions with the same method, are generally not comparable. The ñmore intrinsicò selectivity, 

defined as the ratio between the permeabilities of solutes through the active separation layer, is 

more comparable across different methods. Selectivity measured using feed solutions containing 

single salt species is different from that measured with feed solutions containing mixed salts. 

The second objective is to construct a fundamental framework for performance evaluation 

of NF-based ion-ion separation. My hypothesis is that selectivity, as the existing evaluation metric 

for NF-based ion-ion separation, is biased and insufficient. Evaluation of process-scale 

performance using coupon-scale results directly can be problematic. Tradeoffs between product 

recovery and purity exist at both material level and process level. 

The third objective is to improve the product recovery and purity of NF-based ion-ion 

separation via process innovation. My hypothesis is that a multi-pass NF with brine recirculation 

can achieve a high product purity that satisfies various industrial application requirements while 

maintaining a high product recovery. 
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The fourth objective is to develop a mechanistic model to accurately describe the 

competitive ion partition and diffusion behaviors in the IEMs. My hypothesis is that the partition 

and diffusivity of counter-ions and co-ions from a mixed electrolytes into the IEMs can be 

predicted with the extended Donnan-Manning model. 

The fifth objective is to compare the Li+/Mg2+ separation performance of NF and ED 

processes with different composite NF membranes and IEMs from coupon-scale to module-scale. 

My hypothesis is that both NF and ED can be evaluated under a unified mass transport framework. 

NF and ED using the same membrane have similar Li+/Mg2+ separation performance and 

operational tradeoffs. 

 

1.6 Structure of Dissertation 

 

This dissertation is organized into seven chapters. Chapter 2 discusses the comparability 

of ion-ion selectivity measured by different approaches and the standard protocol of selectivity 

evaluation for filtration-based membranes. Chapter 3 discusses the right performance metrics for 

evaluation of NF-based solute-solute separation. Chapter 4 discusses the potential process 

innovation to improve the product recovery and purity of NF-based solute-solute separation. 

Chapter 5 provides a mechanistic model to describe the competitive ion partition and diffusion 

behaviors in the IEMs. Chapter 6 compares the Li+/Mg2+ separation performance of NF and ED 

processes from coupon-scale to module-scale. Finally, Chapter 7 summarizes the main conclusions 

from the work in this dissertation and presents avenues for future work. 
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CHAPTER 2: UNDERSTANDING SELECTIVITY IN SOLUTE-SOLUTE SEPARATION: 

DEFINITIONS, MEASUREMENTS, AND COMPARABILITY 

 

This chapter is adapted from Understanding Selectivity in SoluteïSolute Separation: Definitions, 

Measurements, and Comparability that has been published in Environmental Science & 

Technology and has been reproduced with the permission of the publisher and co-authors, Junwei 

Zhang, Chuyang Tang, and Shihong Lin. (Wang, R., Zhang, J., Tang, C. Y., & Lin, S. (2022). 

Understanding Selectivity in SoluteïSolute Separation: Definitions, Measurements, and 

Comparability. Environmental Science & Technology, 56(4), 2605.2616.) 

 

2.1 Introduction 

 

Membrane separation has been applied for decades to address the global challenge of freshwater 

scarcity. With the development of thin-film composite polyamide (TFC-PA) membranes of high 

solute rejection, freshwater can now be produced efficiently using reverse osmosis (RO) or 

nanofiltration (NF) from wastewater and saline water.45 Recently, precise solute separation using 

membranes has emerged to become one of the frontiers for membrane-based separation due to the 

increasing demand for selective separation,11ï14 such as nutrient recovery from wastewater,1 water 

softening,2,3 extraction of critical and strategic minerals from brines,4ï6 and industrial wastewater 

reuse.7 Instead of focusing on separating all solutes from feed water, precise solute separation 

refers to the separation of solutes from each other with high precision, i.e., having a very high 

rejection for some species and a very low rejection for the others. However, precise solute 

separation is challenging when the solutes to be separated have similar size and charge states.  

While there are other possible approaches to achieve precise solute separation (e.g., ion 

exchange, electrodialysis),46,47 membrane filtration remains an attractive and the most widely 

studied approach due to its operational simplicity. Many studies have been devoted to design novel 

membranes with well-controlled structure or uniform pore size (or free volume) distribution that 

is indispensable for achieving more precise solute-solute separation.48ï50 General approaches taken 

include developing polymeric membranes (based on polyamide or alternative chemistry) with 

more uniform pore size distribution and using porous nanomaterials or artificial nanochannels 

either as fillers of nanocomposite membranes or to construct standalone active separation layers.51 

Nanomaterials that have been investigated toward this goal include carbon nanotubes,52ï54 2D 

nanomaterials,55ï57 metal-organic frameworks,58 covalent-organic frameworks,59 and biological 
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water channels or biomimetic artificial channels.60,61 These membranes are often compared 

between each other and with commercial membranes for their performance in solute-solute 

separation.  

The challenge with evaluating and comparing the solute-solute separation performance of 

novel membranes lies in the inconsistent definition and measurement methods used in different 

studies.62 In general, three types of membrane processes with different driving forces have been 

applied to characterize solute-solute selectivity (Table 2.1): pressure-driven filtration (abbreviated 

as ñfiltrationò, Figure 2.1A), concentration difference-driven diffusion (abbreviated as 

ñdiffusionò, Figure 2.1B), and electric field-driven ion migration (abbreviated as 

ñelectromigrationò, Figure 2.1C).  Pressure- driven filtration involves applying a hydraulic 

pressure to drive the solution through the membrane. The membrane rejects different solutes to 

different extents. The performance of solute-solute separation, which is quantified using ñsolute 

selectivityò, is usually defined based on the rejection of different solutes. In concentration 

difference-driven diffusion, solutes transport across the tested membrane from a high-

concentration feed solution to a receiving solution (typically deionized water) and the flux of solute 

diffusion is measured. The solute selectivity in this case is defined based on the diffusion fluxes 

of different solutes. Water osmosis in the opposite direction may affect solute diffusion but is 

typically ignored in most studies reported in literature.63ï66 In electric field-driven ion migration, 

charged solutes transport through the membrane under the influence of the applied electric field. 

Current-voltage (I-V) curves are typically measured in a system where the membrane is positioned 

between two exactly same solutions. The solute selectivity in this case is defined based on 

membrane conductance. 
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Figure 2.1 Schematic diagrams of different selectivity testing processes.  (A) pressure-driven filtration 

process, (B) concentration difference-driven diffusion process, and (C) electro-driven migration process. 

Orange circles with positive sign and green circles with negative sign represent cations and anions, 

respectively. Grey columns represent Ag/AgCl reference electrodes. Cations and anions transport across 

membranes from feed to permeate in filtration and diffusion processes, while transport in the opposite 

direction under the electric field. Water flux in filtration is represented by the solid blue arrow. Water 

osmosis in diffusion process is represented as the dash blue arrow since it can be offset with the addition of 

sucrose in the receiving solution. 

 

While pressure-driven filtration is practically the most relevant to the intended applications 

of the tested membranes, the other two methods are also commonly used especially for testing 

membranes that are made of novel materials. These membranes are often fabricated in a relatively 

small size and/or do not have sufficient mechanical strength to be tested in pressure driven 

filtration. The use of different evaluation methods based on fundamentally different driving forces 

and transport mechanisms renders the comparability of the measured selectivity questionable. 

However, such an unfair comparison has been widely adopted in the literature studies. In 

fact, a summary of selected selectivity data (Table 2.1) suggests that the selectivity for the same 

separation (e.g., Li+ and Mg2+ separation, which is important for lithium extraction from brine) can 

vary in values by more than three orders of magnitude. It is uncertain if this dramatic difference in 

selectivity is a result of the different membrane properties, an artifact of the different measurement 

methods, or likely, both. Meanwhile, even with the same measurement method, a wide range of 

experimental conditions (e.g., pressure, concentration, and voltage) have been used in different 

studies, which affect solute transport driving force and the state of membrane, and thus can be 

another origin of the incomparability between experimental results. Furthermore, while it is 
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practical more relevant to measure selectivity using feed solution with mixed salts, most studies in 

literature evaluated selectivity using results from experiments performed with feed solutions 

containing a single salt species. It is thus also uncertain if selectivity measured using single-salt 

and mixed-salt feed solutions are comparable. 

 

Table 2.1 Examples of studies from literature using different methods for selectivity evaluation 

Methods 
Single 

/Mixture 
Conditions Membranes Solute pairs Selectivity 

Filtration 

Single 

1000 ppm,  

10 bar 

Conjugated 

microporous polymer 

membrane63 

K+, Na+, Li+, 

Ca2+, Mg2+ vs 

Al 3+, Fe(CN)63- 

6~10 

10 mM, 

3 bar 

Nanocavity-contained 

TFC-NF membrane67 
Cl- vs SO4

2- 5~35 

500 ppm, 

5 bar 

Zwitterionic TFC-NF 

membrane68 
Cl- vs SO4

2- 12~16 

Mixture 

1 to 5 mM, 

3.45 bar 

Polyelectrolyte 

multilayer NF 

membrane3 

Na+ vs Ca2+, 

Mg2+ 
1~40 

2000 ppm (1:20), 

8 bar 

PEI-TMC NF 

membrane69 
Li + vs Mg2+ ~16 

2000 ppm (1:23), 

5 bar 
Cu-MPD membrane6 Li + vs Mg2+ ~8 

Diffusion 

Single 

10 mM,  

24 hours 

Conjugated 

microporous polymer 

membrane63 

K+, Na+, Li+, 

Ca2+, Mg2+ vs 

Al 3+, Fe(CN)63-  

100~1000 

1 M, 

5 days 
GO membrane64 

K+, Na+, Li+ vs 

Ca2+, Mg2+  
>100 

200 mM, 

4 hours 

2D Ti3C2Tx MXene 

membrane65 

K+, Na+, Li+ vs 

Ni2+, Ca2+, 

Mg2+ 

~5 

Mixture 
1 M, 

30 days 

PVC/MOF hybrid 

membrane66 
Li + vs Mg2+ ~5 

Electro-

migration 
Single 

10 mM,  

-0.5 to 0.5 V 

Conjugated 

microporous polymer 

membrane63 

K+ vs Na+, Li+, 

Ca2+, Mg2+, 

Al 3+, Fe(CN)63-  

1.1~20 

0.05 to 500 mM,  

-0.4 to 0.4 V 

PSS threaded MOF 

membrane70 

Li + vs K+, Na+, 

Mg2+ 
80~104 

1 to 1000 mM, 

-10 to 10 V 

GeV irradiated PET 

film71 

K+, Na+, Li+, 

Cs+ vs Mg2+, 

Ca2+, Ba2+ 

10~105 
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In this study, we evaluate and compare the selectivity between different ions with a 

commercial NF membrane using three different approaches: filtration, diffusion, and 

electromigration. We perform experiments using these three methods with single-salt solutions of 

NaCl, Na2SO4 and MgCl2 at different concentrations to evaluate the monovalent/divalent 

selectivity for anions and cations. For filtration experiments, the impact of operating pressure is 

also evaluated. The apparent selectivity and selectivity based on more intrinsic membrane 

properties are both compared between the three different methods. In addition, we also evaluate 

selectivity measured with single-salt and mixed-salt feed solutions using both filtration and 

diffusion experiments. 

 

2.2 Materials and Methods 

 

2.2.1 Materials and experimental setups 

 A commercial polyamide NF membrane, NFX (Synder, TFC-PA, MWCO=150-300 Da), was used 

in this study for all experiments. Three common salts, NaCl, Na2SO4 and MgCl2, were used to 

evaluate membrane solute-solute selectivity. Three types of experiments that have been used in 

literature for measuring selectivity were performed, including pressure-driven filtration, 

concentration difference-driven diffusion, and electro-driven migration. For pressure-driven 

filtration, a crossflow filtration system with three parallel commercial filtration cells (Sterlitech, 

CF042) was used in NF experiments. The effective membrane area of each cell was 42 cm2.  For 

concentration difference-driven diffusion, a U-shaped diffusion cell (Pasco, ME-6940) was used 

in diffusion experiments. The U-shaped cell was composed of two columns separated by a semi-

permeable membrane. The effective membrane area was 2.84 cm2. For electro-driven migration, 

a Side-Bi-Side electrochemical cell (PermeGear) was used in linear sweep voltammetry (i.e., I-V 

curve measurements). The cell comprised two 7 mL-volume chambers separated by a semi-

permeable membrane. The effective membrane area was 0.2 cm2. An Ag/AgCl reference electrode 

(CH Instruments, CHI111) was inserted in each chamber. A potentiostat (Biologic, SP-200) was 

used to apply voltage across the electrochemical cell and record current. In all experiments, salt 

solutions were prepared with deionized water. The solution pH (unadjusted) was in the range of 

6~7 after preparation and did not show any observable change throughout the experiments. 
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2.2.2 Pressure-driven nanofiltration (ñfiltrationò) 

Pressure-driven NF experiments were carried out in a crossflow filtration system at a crossflow 

velocity of ~20 cm s-1 under room temperature (25 ęC). The single salt rejections of the NFX 

membrane were determined using a single salt feed solution containing either NaCl, or Na2SO4 or 

MgCl2 at a series of concentration of 5, 15, 25, 50 and 100 mM, respectively. The NF membranes 

were pre-compacted for 2 hours to reach a steady state before tuning the operating pressure to 

achieve a designated permeate flux (i.e., 25, 35, 50 and 70 L m-2 h-1) for each individual membrane 

coupon. Permeate conductivity was then measured and converted to salt concentration based on a 

calibration curve relating the two parameters. The permeate salt concentration was used to 

calculate the salt rejection. New membrane samples were used for different salts and different 

concentrations, but the same membranes were used when varying permeate flux. All data points 

were obtained based on results from three replicates. 

 To evaluate the difference between selectivity measured with feed solutions containing a 

single salt species and that measured with feed solutions containing a mixture, NF experiments 

were also performed with feed solutions containing a mixture of NaCl and MgCl2 at different 

concentrations. The molar concentration ratio of the two salts was 1:1 with each salt concentration 

to be 25, 50 and 100 mM. The operating pressure was tuned to achieve a permeate flux of 30 L m-

2 h-1. The concentrations of Na+ and Mg2+ in the permeate were measured by inductively coupled 

plasma optical emission spectrometry (ICP-OES) for rejection calculation. 

The permeate flux, ὐ , of the NF experiments was determined using the following 

equation: 

ὐ
Ўὠ

ὃЎὸ
 (2.1) 

where Ўὠ is the permeate volume produced in the period of Ўὸ and ὃ  is the effective filtration 

area of the membrane coupon. The observed salt rejection, R, was defined as: 

Ὑ ρ
ὅ

ὅ
 (2.2) 
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where ὅ  and ὅ are molar concentrations of target solute in the permeate and feed solution, 

respectively. The solute-solute selectivity in pressure-driven filtration, Ὓ, is typically defined 

based on solute rejections using the following expression:3 

Ὓ
ρ Ὑ

ρ Ὑ
 (2.3) 

where subscripts ὥ and ὦ represent solutes ὥ and ὦ, respectively. Conventionally, the more 

permeable solute is assigned to the numerator and the less permeable solute to the denominator, 

so that Ὓ is larger than unity and a larger Ὓ represents better solute-solute selectivity. When 

evaluating the selectivity between monovalent and divalent ions, such a convention means that the 

rejection of monovalent ions is assigned to the numerator and that of divalent ions to the 

denominator since divalent ions are usually better rejected than monovalent ions (if the membranes 

and ions are of similar charge). To better understand the physical meaning of the rejection-based 

selectivity, Eq. (2.3) can be rewritten in an equivalent form by substituting the rejection terms with 

Eq. (2.2) as: 

Ὓ
ὅȟȾὅȟ

ὅȟȾὅȟ

ὐȾὅȟ
ὐȾὅȟ

 (2.4) 

where ὐ and ὐ represent steady-state solute flux of ὥ and ὦ, respectively.  The first part of Eq. 

(2.4) suggests that the selectivity can be interpreted as the ratio between the abundance of species 

ὥ (relative to ὦ) in permeate and that in the feed solution. The second part of Eq. (2.4) utilizes the 

relationship between solute flux (ὐ) and permeate flux (ὐ) at steady state, ὐ ὐὅ. Selectivity 

based on this definition can be interpreted as the ratio of the concentration-normalized flux 

between the two solutes. According to Eqs. (2.3-2.4), a highly precise solute separation results 

from almost no rejection to the more permeable solute but nearly perfect rejection to the less 

permeable solute.  

 

2.2.3 Concentration difference-driven diffusion (ñdiffusionò) 

Concentration-driven diffusion experiments were conducted using a U-shaped diffusion cell. The 

NFX membrane was clamped in the middle the cell to separate the feed solution and permeate, 

with the polyamide surface facing the feed solution. For experiments with single-salt feed solution, 
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the feed side of the diffusion cell was filled with a 20 mL solution of NaCl, Na2SO4, or MgCl2 at 

a range of concentrations including 5, 25, 50, 100, 250 and 500 mM. The permeate side was filled 

with 20 mL of either pure water or sucrose solution. Sucrose (MW=342 Da) was used to offset the 

osmotic pressure difference to minimize the effect of osmosis. The concentration of the sucrose 

solution was determined based on the osmotic pressure of the feed solution as estimated using the 

vanôt Hoff relation:  

Ў“ ’ὅὙὝ (2.5) 

where Ў“ is osmotic pressure, ’ is van 't Hoff factor (one for sucrose), ὅ is solute molar 

concentration, Ὑ  is ideal gas constant and Ὕ is solution temperature. Both feed and permeate 

solutions were continuously stirred with stir bars to minimize concentration polarization (CP) near 

the membrane-solution interfaces. Each diffusion experiment lasted for one hour during which the 

permeate conductivity was measured and later converted to salt concentration based on the 

calibration curve relating the two parameters.  

 To evaluate the selectivity measured with mixed salt feed solutions, diffusion experiments 

were performed with NaCl and MgCl2 mixture feed solutions at different concentrations. The 

molar concentration ratio of two salts in the feed solution was 1:1, with each salt concentration set 

to be 25, 50 or 100 mM. The receiving solution was either pure water, in which case the osmotic 

flow was not corrected, or sucrose solution to offset the osmosis. The Na+ and Mg2+ concentrations 

in the receiving solutions were measured using ICP-OES to determine the diffusion fluxes. New 

membrane samples were used for different salts and different concentrations. All data points were 

obtained based on results from three replicates. 

 The average solute diffusion flux, ὐ, in diffusion experiments can be estimated from mass 

accumulation rate of target solute in the permeate: 

ὐ
ὠὅ

ὃЎὸ
 (2.6) 

where ὠ is the permeate solution volume,  ὅ is the solute molar concentration in the permeate 

after a period Ўὸ, and ὃ  is the effective membrane area of the diffusion cell. The solute-solute 

selectivity in concentration-driven diffusion, Ὓ, is typically defined based on the diffusion flux 

as:64 
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Ὓ
ὐȟȾὅȟ
ὐȟȾὅȟ

 (2.7) 

where ὅ is molar concentration of target solute in the feed, and subscripts ὥ and ὦ represent solute 

ὥ and ὦ, respectively. Like Eq. (2.4), Eq. (2.7) defines the selectivity as the ratio of the 

concentration-normalized flux between the two solutes. 

 

2.2.4 Electric field-driven ion migration (ñelectromigrationò) 

Electro-driven migration experiments were conducted using a Side-Bi-Side electrochemical cell. 

The NFX membrane was clamped between the anode and cathode chambers. Both chambers were 

filled with 7 mL of NaCl, Na2SO4 or MgCl2 single salt solutions of same concentration (i.e., 5, 25, 

50, 100, 250 and 500 mM). Linear sweep voltammetry (LSV) was performed over the voltage 

range of -50 mV to 50 mV at a scan rate of 2 mV s-1. The I-V curves in this range showed linear 

relationship and were fitted to obtain the overall conductance of solution and membrane, Ὃ. I-V 

curves under the same conditions were also measured without membranes to obtain conductance 

of solution, Ὃ. New membrane samples were used for different salts and different concentrations. 

All data points were obtained based on results from three replicates. Assuming solution and 

membrane as an equivalent circuit of resistance in series, the conductance of membrane, Ὃ , can 

be then evaluated from: 

ρ

Ὃ

ρ

Ὃ

ρ

Ὃ
 (2.8) 

According to Eq. (2.8), Ὃ  can be approximated by Ὃ if and only if ὋḻὋ . We note that this 

approximation has been frequently used when evaluating selectivity with electro-driven processes 

in literature but is nonetheless not always valid. The membrane conductance for ion transport in 

an electro-driven process can be described as:72 

Ὃ
ὃ Ὂ

Ў•
ὐȿᾀȿ (2.9) 

where ὃ  is the effective membrane area of the electrochemical cell, Ὂ is the Faraday constant, 

Ў• is the voltage across the membrane,  ὐ and ᾀ are the flux and valence of ion species Ὥ, 

respectively. By rearranging Eq. (2.9), the ion flux of species Ὥ can be expressed as: 



15 

 

ὐ
ὋЎ•Ὕ

ὃ Ὂȿᾀȿ
 (2.10) 

where Ὕ is the transport number of ionic species Ὥ, which represents the fraction of overall current 

carried by this species (vs. other ionic species)33: 

Ὕ
ὐȿᾀȿ

В ὐȿᾀȿ
 (2.11) 

Analogous to the selectivity definitions in pressure-driven filtration and concentration 

difference-driven diffusion, the solute-solute selectivity in electro-driven migration, Ὓ , can be 

defined as the ratio of the concentration-normalized flux between the two solutes: 

Ὓ
ὐȾὅȟ
ὐȾὅȟ

Ὃ ȟȾὅȟ
Ὃ ȟȾὅȟ

ὝȾȿᾀȿ

ὝȾȿᾀȿ

Ὃ ȟȾὅȟ
Ὃ ȟȾὅȟ

ὸ

ὸ
 (2.12) 

We note that a ratio of absolute valence-normalized transport number (i.e., also known as 

transference number, ὸ ὝȾȿᾀȿ) appears in the conductance-based selectivity when substituting 

ionic flux with Eq. (2.10). This ratio in the second parentheses is usually omitted in literature, 

which is only valid under the following conditions: (1) the ionic species of interest have the same 

transference number (i.e., ὸ ὸ); (2) the ionic species of interest (in single salt experiments) 

have the same valence and carry all the current and thus transport number is unity. The first 

assumption has no theoretical basis whereas the second assumption is acceptable only when 

evaluating selectivity between ionic species of same valence and the membrane has a high charge 

density (e.g., ion exchange membranes). In this study, we evaluated these assumptions for NFX 

membrane by determining the transport numbers of each ionic species.  

 To determine the transport numbers of cation and anion for each single salt, the 

concentration was maintained constant in the high-concentration chamber (i.e. ὅ = 100 mM), 

while the concentration in the low-concentration chamber, ὅ, gradually varies from 5 to 25, 50 

and 100 mM to obtain concentration ratios (between the two chambers) of 20:1, 4:1, 2:1 and 1:1, 

respectively. At each concentration ratio, LSV measurement was performed and the membrane 

potential, Ў• , was determined as the intersect between the I-V curve and the voltage axis. The 

transport number was then calculated using the following equation:72 

Ў• ὸ ὸ
ὙὝ

Ὂ
ÌÎ
ὅ

ὅ
 (2.13) 
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where subscripts  and ɀ represent cation and anion, respectively.  

 

2.3 Results and Discussion 

 

2.3.1 Selectivity depends on measurement conditions 

Filtration  Feed concentration and permeate flux both affect salt rejections by NF membranes.73 

NFX membrane showed 95%~99% rejections to MgCl2 and Na2SO4 in a wide range of feed 

concentration and permeate flux, while NaCl rejection varied from 30% to 65% (Figure A1). To 

evaluate the effect of feed concentration on solute-solute selectivity, we focused on rejections of 

single salt in the concentration range of 5 to 100 mM under the same permeate flux (i.e., 50 L-1 m-

2 h-1). Selectivity of mono-/divalent anions (i.e., Cl-/SO4
2-) and cations (i.e., Na+/Mg2+) defined 

based on Eq. (2.3) exhibited similar trends of variation with increasing feed concentration (Figure 

2.2B). As the solute concentration increased, both Na+/Mg2+ and Cl-/SO4
2- selectivity improved 

because NaCl rejection decreased from 60% to 36%, while the rejections of MgCl2 and Na2SO4 

remained around 97% (Figure 2.2A).  
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Figure 2.2 Selectivity of cation and anion ion pairs as a function of concentration tested by different 

processes.  (A) Salt rejection and (B) selectivity defined on rejection as a function of feed concentration. 

Filtration pressure was tuned to maintain a permeate flux of 50 L m-2 h-1. (C) Diffusion flux and (D) 

selectivity defined on diffusion flux as a function of feed concentration. Diffusion flux was determined 

from salt mass accumulation rate in the permeate solution. Sucrose was added in the receiving solution to 

offset water osmosis (solid curves). (E) Membrane conductance from I-V curve results and (F) selectivity 

defined on conductance as a function of solution concentration. I-V curves were obtained via linear sweep 

voltammetry characterized within -50 to 50 mV at a scan rate of 2 mV/s. We note that axis has different 

scale in each panel. 

 

The reduced rejection of NaCl at a higher feed concentration can be attributed to the 

stronger charge screening effect at a high ionic strength, which reduced the electrostatic (Donnan) 

exclusion to NaCl.74,75 Although the same effect also applies to MgCl2 and Na2SO4, their rejections 

were largely unaffected as their transport was more constrained due to the presence of large 

divalent ions (Mg2+ and SO4
2-) with stronger steric hindrance,76 lower diffusivity,77,78 and stronger 

hydration energy.79 Therefore, the unaffected rejections of MgCl2 and Na2SO4, combined with the 

compromised rejection of NaCl at a higher feed concentration resulted in a generally increasing 

Na+/Mg2+ and Cl-/SO4
2- selectivity as the feed concentration increased.  



18 

 

The only exception to this trend in the collected data is the reduced Na+/Mg2+ and Cl-/SO4
2- 

selectivity when the feed concentration increased from 50 to 100 mM. However, the rejection data 

in Figure 2.2A show no significant deviation from the trend for the rejection of all salts at any 

specific concentration. The very high selectivity observed at 50 mM is caused by the slightly higher 

rejection of MgCl2 and Na2SO4 as compared to the already-very-high rejection of the same salts at 

100 mM. Whether this difference can be explained or is simply caused by measurement error, its 

magnitude is very small (98.5% vs. 97.1% for MgCl2, and 98.8% vs. 97.7% Na2SO4), particularly 

compared to the much more salient difference of rejection for NaCl measured at these two 

concentrations (46.5% vs. 36.5%). However, this small difference of the rejection for the less 

permeable salt has a very large influence on selectivity via affecting the very small denominator 

in Eq. (2.3). In other words, the rejections of the salts in the numerator and denominator have 

disproportionate impacts on the selectivity. The selectivity is more sensitive to the rejection of the 

less permeable salt (in the denominator), especially when its rejection approaches 100%. We note 

that the appropriateness of a sensitivity definition may depend on the specific application scenarios 

(e.g., removal of the less permeable solute vs. recovery of the more permeable solute) and is worthy 

of further discussion beyond this study. 

The effect of permeate flux on selectivity in pressure-driven filtration was also evaluated. 

It is well known, as the dilution effect, that increasing the permeate flux typically enhances salt 

rejection unless in the case when ion transport mechanism is dominated by advection (which is 

usually considered not the case for nanofiltration).80,81 In our experiments, the rejection of NaCl 

increased by ~10% when the permeate flux increased from 35 to 70 L m-2 h-1, regardless of the 

feed concentration (Figure A1).  The rejections of MgCl2 and Na2SO4 also increased but to a much 

smaller extent (Figure A1), because the rejections, even with the lowest permeate flux, were 

higher than 95% to start with. Even though the rejection of NaCl was considerably more sensitive 

than MgCl2 and Na2SO4 to the change of flux, the selectivity of Na+/Mg2+ or Cl-/SO4
2- remained 

roughly unchanged (Figure 2.3), which can again be explained by the disproportionate impacts of 

variation in rejection for species in the numerator vs. that in the denominator according to Eq. 

(2.3). In short, while increasing the permeate flux improved the rejection of NaCl, it has a weak 

impact on the Na+/Mg2+ and Cl-/SO4
2- selectivity. 
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Figure 2.3 Effects of permeate flux on selectivity measured by filtration method. (A) Cl-/SO4
2- 

selectivity and (B) Na+/Mg2+ selectivity defined on rejection as a function of permeate flux under different 

feed concentrations. 

 

Diffusion During the one-hour diffusion experiments, permeate concentration increased almost 

linearly over time except for the first 5~10 minutes when the salt ions have not permeated through 

the membrane (Figure A2). As the salt concentration in the feed solution was much higher than 

that in the receiving solution, the concentration difference across the membrane can be regarded 

as approximately constant throughout the experiment and the diffusion can be considered as steady 

state. With sucrose in the receiving solution to balance osmotic pressure difference (solid curves 

in Figure 2.2C and 2.2D), diffusion flux increased linearly with feed concentration for all three 

salts, because concentration difference (or chemical potential difference) was the driving force for 

diffusion. Both cation and anion selectivity defined based on diffusion flux increased 

monotonously with feed concentration and anion selectivity was higher than cation (Figure 2.2D).  

When pure water was used as the receiving solution (without sucrose, dash curves in 

Figure 2.2C and 2.2D), its volume decreased over time due to osmosis. As a result, all salt fluxes 

decreased as compared to those measured with a sucrose-containing receiving solution, 

particularly at a higher feed concentration and for salts with a higher vanôt Hoff factor. For 

example, with a 500 mM feed concentration, the Na2SO4 diffusion flux measured with osmosis 

was about two orders of magnitude smaller than that measured without osmosis. As the effect of 

osmosis is substantially less significant with NaCl than with MgCl2 or Na2SO4 (at the same molar 
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concentration), both cation and anion selectivity measured in the presence of osmosis (i.e., without 

offset) were higher than selectivity measured with osmosis offset by sucrose (Figure 2.2D). At 

high feed concentrations, the anion selectivity with and without osmosis offset differed by two 

orders of magnitude.  

The salt flux decline caused by osmosis is attributable to the interference between water 

and ions transport in the opposite directions across the membrane. Since MgCl2 and Na2SO4 

solutions have higher osmotic pressures than NaCl at a same feed concentration, larger osmosis 

fluxes were generated to counter the ion transport. In addition, the ion size and diffusivity also 

contribute to the difference in flux decline between salts. However, it is not completely clear if the 

negative impact of a water flux in the opposite direction (of the salt flux) on the salt flux was 

exerted through both the support layer (i.e., internal concentration polarization, ICP) and the active 

layer, or just one of them. Regardless of the distribution between different mechanisms, our results 

suggest unequivocally that the osmosis effect is salient and cannot be ignored. Unfortunately, this 

osmosis effect has been often ignored in previous studies using concentration-driven diffusion 

experiments even with higher feed concentrations (e.g., 1~2 M) and very long diffusion time (e.g., 

hours or days).63ï66 Although using a diffusion cell with a small membrane area may reduce the 

effect of dilution (of the feed solution) and concentration (of the receiving solution) due to solution 

volume change caused by osmosis, the effect of osmosis in reducing salt flux can still be significant 

and is independent of membrane area. 

Electromigration  Membrane conductance with single salt feed solutions of different 

concentrations was determined from I-V curves measured using LSV with and without a 

membrane (Figure A3). As polyamide NF membrane is nonconductive, the current is all carried 

by transport of ions across the membrane. Membrane conductance in all salt solutions increased 

with solution concentration (Figure 2.2E). In general, the conductance at the same concentration 

follows the order of MgCl2 > NaCl > Na2SO4, because transport through a negatively charged NF 

membrane is more favorable for divalent cations (Mg2+) than for monovalent cations (Na+) and 

less favorable for divalent anions (SO4
2-) than for monovalent anions (Cl-). 

Anion selectivity defined based on conductance slightly increased with concentration while 

cation selectivity did not follow a monotonic trend (Figure 2.2F). We note that cation and anion 

transport are decoupled in electro-driven process, while they are paired to maintain electro-
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neutrality in the other two methods.72 In this regard, cation or anion selectivity characterized using 

the electromigration method is more consistent with its name. We also note that, as mentioned in 

Section 2, the conductance-based selectivity usually omits the transport number ratio in Eq. (2.12) 

by assuming that the current is all carried by the ionic species of interest. In this study, the transport 

numbers of cation and anion for the NFX membrane were evaluated by the membrane potential 

method described in Section 2 (Figure A4). Ὕ ȾὝ  and Ὕ ȾὝ  were estimated to be 

0.67 and 0.79, respectively, which should not be omitted. 

 

2.3.2 Selectivity is not comparable between methods 

For a fair comparison of novel membranes from literature, we expect the solute-solute selectivity 

of the same membrane characterized by different methods to be same or at least similar. This is, 

however, not the case for selectivity defined based on the ratios of feed concentration-normalized 

solute fluxes. While different methods show qualitatively similar trends regarding the effect of 

concentration and the comparison between anion and cation selectivity, they do not yield 

quantitatively comparable results (Figure 2.2B, D and F). For example, anion selectivity varied 

between 20~50 within the concentration range of 5 to 100 mM when defined based on rejection in 

pressurized filtration. It was around 10 when defined based on diffusion flux without osmosis and 

varied from 10 to over 100 in the presence of osmosis. For electromigration, the anion selectivity 

of the same concentration range was lower than 10.  

One possible explanation for the incomparability of selectivity measured using different 

methods is that feed concentration-normalized solute flux does not capture the intrinsic 

permeability of the solute through the active layer of the membrane. In diffusion-based selectivity 

(Eq. (2.7)), the concentration difference across the membrane is the driving force. When ignoring 

concentration polarization (CP), the driving force is practically equal to the feed concentration (as 

the concentration of the receiving solution is essentially zero). In this case, the feed concentration-

normalized diffusion flux is the solute permeability. Therefore, the physical meaning of diffusion-

based selectivity is the solute permeability ratio. Although the other two types of selectivity (based 

on filtration and electromigration) were also defined in a similar form as the ratio between feed 

concentration-normalized solute fluxes (Eqs. (2.4 and 2.12)), the differences in measured 

selectivity values arise from the fact that the different measurements characterize different 



22 

 

transport phenomena in terms of driving force, presence of water transport, and the state of 

coupling between cation and anion transport. In the following discussion, we will show that solute 

permeabilities across membrane, and thus the ratio between permeabilities of different solutes, are 

also dependent on the measurement method and thus cannot be considered as an intrinsic 

membrane property.  

Filtration  Solute transport through polyamide membranes in pressurized filtration process has 

been widely studied for decades. The description of solute transport through polyamide 

membranes was initially described by phenomenological equations based on irreversible 

thermodynamics, and later simplified to the solution-diffusion (S-D) model. S-D model, typically 

applied to ñdense membranesò used in RO, gas separation, or pervaporation, assumes that both 

water and solutes first dissolve (or partition) into the membrane and then diffuse through the 

membrane matrix.82 Within the S-D framework, solute permeability, ὄ, is defined as: 

ὄ
ὑὈ

Ὠ

ὐ

ὅ ὅ
 (2.14) 

where ὑ, Ὀ  and Ὠ  are partition coefficient, diffusion coefficient in the membrane active layer, 

and membrane active layer thickness. The solute permeability relates solute flux, ὐ, to the solute 

concentration difference, ὅ ὅ . Water transport and solute transport are assumed to be 

independent in S-D model. The applicability of the S-D model in describing transport in NF is 

questionable as NF membranes have a ólooserô polymer matrix (or larger pore size) with which 

advection may have a more significant contribution to solute flux. Nonetheless, here we still adopt 

the phenomenological S-D model framework to examine solute-solute selectivity in pressure-

driven filtration while being aware of the caveat that the solute permeability may be dependent on 

experimental conditions instead of being an invariant membrane property.73  

By describing concentration polarization (CP) with thin film theory, the intrinsic solute 

permeability of a pressure-driven filtration process, ὄ, can be determined with permeate flux and 

solute rejection as:83 

ὄ ὐ
ρ

Ὑ
ρὩ  (2.15) 
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where Ὧ is mass transfer coefficient of solute (Ὧ = 70.4, 72.2, 67.2 L m-2 h-1  for NaCl, Na2SO4 and 

MgCl2) and was pre-determined by the flux method proposed by Tang et al.83 With Eq. (2.15), we 

found that MgCl2 and Na2SO4 had similar intrinsic permeability and were over an order of 

magnitude lower than that of NaCl (Figure 2.4A), which was consistent with the observed 

rejection difference between these salts. The solute-solute selectivity defined based on the ratio of 

intrinsic permeabilities measured using a filtration process, Ὓ , was then determined as: 

Ὓ
ὄȟ
ὄȟ

Ὓ
Ὑ

Ὑ
Ὡ  (2.16) 

where Ὓ  relates to the apparent (or measured) selectivity, Ὓ, by a correction factor being the 

product of the rejection ratio and an exponential term accounting for the difference in CP between 

the two solutes. 

 

 

Figure 2.4 Permeability and selectivity comparison across methods. (A) Solute permeability and (B) 

Na+/Mg2+ selectivity and Cl-/SO4
2- selectivity of different definitions under 100 mM solution concentration. 

Diffusion data was from experiments without osmosis. 

 

Diffusion In concentration difference-driven diffusion with osmosis offset, by applying the model 

framework of solution-diffusion and considering CP, the solute diffusion flux can be expressed 

as:22 
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ὐ Ὧὅ ὅ
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ρ

ὄ
ὅ (2.17) 

where Ὧ is overall apparent solute permeability, Ὧ and Ὧ are mass transfer coefficients in feed 

and permeate boundary layers accounting for external CP (ECP), ί and Ὀ are structural parameter 

of the porous support layer of NF membrane and solute diffusion coefficient in the solution. ίȾὈ 

accounts for CP effect inside the support layer, i.e., the internal concentration polarization (ICP). 

ὄ  is solute permeability for diffusion across the polyamide active layer. If we assume external 

CP is negligible compared to ICP due to continuous stirring of feed and permeate during 

experiments, the two mass transfer coefficients can be dropped, resulting in a simplified version 

of the expression (third part of Eq. (2.17)). We also assume ί to be 2000 ɛm, a reasonable value 

for the porous support of TFC-PA NF membranes. With these assumptions, the solute permeability 

across the active layer, ὄ , can be estimated using the diffusion flux, ὐ. Our experimental results 

suggest that NaCl has the highest permeability, followed by MgCl2 and lastly Na2SO4 (Figure 

2.4A). The difference in permeability was around an order of magnitude.  

Once ὄ  can be evaluated, the solute-solute selectivity defined based on permeability ratio 

in a diffusion process, Ὓ , can be estimated using Eq. (2.18): 

Ὓ
ὄȟ

ὄȟ

ὐȟ
ὅȟ

ί
Ὀ

ὐȟ
ὅȟ

ί
Ὀ

 (2.18) 

Comparing with Eq. (2.7) which yields the apparent selectivity in the presence of the CP, Eq. 

(2.18) characterizes the intrinsic selectivity of the active layer. Our analysis shows that Ὓ  is larger 

than the apparent selectivity, Ὓ, because of ICP (Figure 2.4B).  

Electromigration  The ionic flux in electro-driven membrane process can be described by the 

Nernst-Planck equation as: 

ὐ ȿᾀȿὈ ȟὑὅ
Ὂ

ὙὝ

Ў•

Ὠ
 (2.19) 
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By grouping diffusion and partition coefficients and membrane thickness, a solute permeability 

with the same form as those in filtration and diffusion processes can be defined by combining Eq. 

(2.10) and Eq. (2.19):  

ὄ ȟ

ὙὝ

ȿᾀȿὊὃὅ
Ὃ ȟὝ (2.20) 

Since NFX is negatively charged (but not as strongly charged as a cation exchange membrane), 

the permeability of SO4
2- was the lowest and the permeability of Mg2+ was the highest. The 

permeabilities of Na+ and Cl- were between that of SO4
2- and Mg2+ but much closer to the latter 

(Figure 2.4A). The intrinsic solute-solute selectivity defined based on permeability ratio in the 

electro-driven process, Ὓ , is determined as: 

Ὓ
ὄ ȟ

ὄ ȟ
Ὓ
ȿᾀȿ

ȿᾀȿ
 (2.21) 

where Ὓ  was related to Ὓ  by a factor of the valence ratio. The valence ratio, ȿᾀȿȾȿᾀȿ, equals 

2 when evaluating mono-/divalent ion selectivity. Therefore, Ὓ  is twice as Ὓ  (Figure 2.4B).  

Cross-method comparison To compare the solute permeability determined from different methods 

and the permeability-based selectivity between methods, we focused on one feed concentration 

(i.e., 100 mM) in the following discussion, whereas results obtained with other concentrations are 

also presented in the supporting information (Figure A5). If the theoretical framework of solution-

diffusion were applicable for NFX membrane, the intrinsic solute permeability determined from 

filtration should be the same as that from diffusion process. However, for NaCl, ὄ  was only 7.6% 

of ὄ  while the percentages were 17.3% and 74% for Na2SO4 and MgCl2 (Figure 2.4A). The lower 

permeability values from diffusion may be attributed to an overestimation of effective driving 

force if CP effect (both external and internal) is not fully considered. For filtration, ECP at feed 

side has been accounted by film theory and there is no ICP in the support layer at steady state. For 

diffusion, the minimization of ECP strongly depends on the stirring speed (i.e., degree of 

hydrodynamic mixing) which can be limited by the diffusion cell geometry. Meanwhile, ICP in 

the support layer can significantly reduce the effective driving force for diffusion even when 

osmosis is offset. Assume that the solute permeability were indeed the same in filtration and 

diffusion, we can then estimate the structural parameters required for the correction based on Eq. 
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(2.17). The estimated structural parameters are 3,630 ɛm for NaCl, 4,835 ɛm for MgCl2, and 

48,900 ɛm for Na2SO4 with a feed concentration of 100 mM and vary with a different feed 

concentration. However, the structural parameter should in theory depend only on the geometry of 

the support layer but not on the salt properties and concentration and should therefore have a single 

value regardless of the feed solution. We thus conclude that the difference between permeabilities 

measured using diffusion and filtration cannot be reconciled simply by a more accurate structural 

parameter, and that there exist other mechanisms that contribute to the lower permeability values 

in diffusion. 

Another major difference between the filtration and diffusion is the presence of water flux 

in filtration, which suggests that advection may have a non-negligible contribution to solute 

transport through the membrane matrix and challenges the assumption of the SïD model 

framework. Furthermore, advective flux can also affect ion electromigration (not as a measurement 

method by as a mechanism of ion transport in the pore-flow model) via inducing transmembrane 

potential.84 The coupled effect of water flux on solute permeability is also supported by the 

observed solute flux decline when osmosis was not offset in the diffusion experiments (Figure 

2.2C). Solute permeability increases when there is water transport in the same direction and 

decreases if water flows in the opposite direction. Additionally, the difference of ὄȾὄ  between 

different salts shows the advection contribution to overall solute permeability depends on solute 

properties, which is corroborated by the Donnan Steric Pore-flow model that describes the 

advective contribution of solute transport using a hindrance coefficient that is a function of the 

ratio between solute size and membrane pore size.73  

Lastly, solute permeability determined from electromigration was smaller than that from 

diffusion and filtration (Figure 2.4A), possibly due to the decoupled ion transport in the electro-

driven process where ion-ion friction may play a role.85 This decoupling may cause the partition 

and diffusion coefficients to be different from that for transport with paired salts. The solute-solute 

selectivity for electromigration through NFX membrane is also lower than that in filtration and 

diffusion (Figure 2.4B). The incomparability of solute-solute selectivity measured using different 

methods is further confirmed by a separate series of data measured using a completely different 

membrane as reported in a very recent study.63 Specifically, the cation permeability measured 

using filtration, diffusion, and electromigration exhibit difference by orders of magnitude (Figure 
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A6). Both the apparent and intrinsic selectivity for different cation pairs is incomparable between 

different methods to various degrees (Figure A6). Understanding these differences measured 

using different methods likely require a more comprehensive ion transport model framework based 

on Nernst-Planck and Maxwell-Stefan equations to account for advection, diffusion, 

electromigration and frictions between all components (e.g., solute-solute, solute-water, solute-

membrane), in addition to proper consideration of concentration polarization. Under such a 

framework, solute permeability would become an oversimplified phenomenological variable with 

little mechanistic significance and cannot serve as the basis for defining selectivity. In other words, 

we cannot make apparent selectivity ñmore intrinsicò by using solute permeability which is by 

itself not an intrinsic property. 

 

2.3.3 Single-salt and mixed-salt feed solutions yield different selectivity  

In previous discussion, solute-solute selectivity was measured with two single-salt solutions rather 

than with a feed solution of mixed salts. While solute-solute selectivity is only practically 

meaningful for separating a salt mixture, the reports of solute-solute selectivity measured using 

single-salt solutions are very common in literature, particularly for diffusion and electromigration. 

In fact, all electromigration experiments based on conductance measurements only used single-

salt solution because the transport number of each ionic species in a mixture cannot be derived 

from the I-V curve. In general, measurements with single-salt feed solutions are experimentally 

more convenient as they do not require analyzing the composition of the permeate or receiving 

solution. However, it is unclear whether selectivity measured with single-salt feed solutions can in 

fact represent the selectivity measured with feed solutions of mixed salts. To answer this question, 

we evaluated cation selectivity (Mg2+ vs. Na+) using both feed solutions with single salts and mixed 

salts in both pressure-driven filtration and diffusion driven by concentration difference. 

Filtration  In filtration, NaCl rejection was much lower with a mixed-salt feed solution compared 

to that with a single-salt feed solution (Figure 2.5A), suggesting Donnan exclusion promotes the 

more permeable salt to partition more strongly into the membrane matrix.86ï88 For MgCl2, the 

rejection measured with a mixed-salt feed solution was also lower at a relatively low feed 

concentration (25 mM for each salt), whereas the difference in Mg2+ rejections measured using 

different types of feed solution diminished as the feed concentration increased. The overall ionic 
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strength was higher in a mixed salt feed solution, which enhanced the charge screening effect and 

thus reduced NaCl rejection.  

As discussed previously, selectivity based on solute rejections is more sensitive to the 

rejection of the less permeable solute and becomes highly sensitive in the range of very high (close 

to 100%) rejection. Thus, when the rejection of MgCl2 measured with a mixed-salt feed solution 

increased and approached 100% as the molar concentration increased, the Na+/Mg2+ selectivity 

also increased significantly (Figure 2.5B). This trend of selectivity change with feed concentration 

also differed substantially from that measured using single-salt feed solutions. In fact, we cannot 

even conclude with confidence if selectivity is higher when measured using a single-salt feed 

solution or a mixed salt feed solution, as the conclusion depends on the feed concentration (Figure 

2.5B). 

Diffusion In the diffusion experiments (with sucrose addition to offset osmosis), the measured 

NaCl and MgCl2 diffusion fluxes were significantly lower when measured with a mixed salt feed 

solution (Figure 2.5C). As osmosis was offset, the flux reduction compared to that measured with 

a single-salt feed solution is attributable to the enhanced ionic strength and thus stronger ion-ion 

interaction. The selectivity measured using single-salt feed solution was higher than that measured 

using a mixed-salt feed solution, but both remained nearly constant regardless of feed 

concentration (Figure 2.5D). Diffusion experiments with osmosis showed similar results except 

that the selectivity measured in single-salt feed solution increased with concentration (Figure A7). 
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Figure 2.5 Selectivity difference between measurements with single salt and mixed salt solutions. (A) 

Rejection of NaCl and MgCl2 measured in single (dash) and mixture (solid) salt solutions. Filtration 

pressure was tuned to maintain a permeate flux of 30 L m-2 h-1 (B) Comparison of Na+/Mg2+ selectivity 

defined on rejection in single and mixture salt solutions. (C) Diffusion flux of NaCl and MgCl2 measured 

in single (dash) and mixture (solid) salt solutions. Osmosis was offset with sucrose solution as permeate. 

(D) Comparison of Na+/Mg2+ selectivity defined on diffusion flux in single and mixture salt solutions. 

Results under three feed concentrations (i.e., 25 mM, 50 mM, 100 mM for each salt) were presented. 

 

2.4 Implications and Perspective 

 

The development of membranes capable of precise solute-solute separation is still in its burgeoning 

stage without a standardized protocol for evaluating selectivity. The results from this study unveil 

the inconvenient truth that selectivity measured using different methods, or even different 

conditions with the same method, are generally not comparable. The cross-method incomparability 

is true for both apparent selectivity, defined as the ratio between concentration-normalized fluxes, 

and the ñmore intrinsicò selectivity, defined as the ratio between the permeabilities of solutes 

through the active separation layer. The difference in selectivity measured using different methods 

stems from the fundamental differences in ion transport driving force, the effect of water transport, 

and the interaction between cation and anion transport. Further adding to the complication of 
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selectivity measurement is the difference in selectivity measured using feed solutions containing 

single salt species and that containing mixed salt. While many previous studies reported selectivity 

based on measurements using single-salt feed solutions, those results cannot accurately represent 

the practically more relevant selectivity for a mixed-salt feed solution. We believe some selectivity 

measurements are intrinsically not comparable (e.g., results from single salt experiments vs. mixed 

salt experiments), whereas other selectivity measurements may (or may not) eventually be 

relatable (e.g., results from single salt experiments in filtration vs. diffusion) but may require a 

more complicated theoretical framework and more/or careful experimental design to eliminate 

artifacts. 

As most results reported in literature were inherently incomparable, we face a predicament 

in attempting to acquire a coherent understanding about where we are in developing advanced 

membranes with enhanced solute-solute selectivity. From the perspective of practical application 

(in nanofiltration), one should always evaluate the selectivity using pressure-driven filtration with 

a mixed-salt feed solution of a composition relevant to the specific applications. Here, the 

composition includes the concentrations of both targeted solutes and other major background 

solutes. For example, Li+/Mg2+ selectivity in nanofiltration is likely dependent not only on the 

concentrations of Li+ and Mg2+ but also on the ionic strength of solution. Therefore, when a 

membrane is developed for a specific target application, its selectivity should be evaluated under 

corresponding conditions and those conditions should be reported in detail.  

When membranes are developed without a very specific application context, the evaluation 

of their solute-solute selectivity following a consistent protocol can facilitate fair performance 

comparison with other membranes. We propose that filtration with mixed-salt feed solutions are 

preferred as the standard method for selectivity evaluation due to its strongest practical relevance. 

In the cases of novel membranes that cannot be scaled up or fabricated in a sufficiently robust form 

for pressurized filtration, the selectivity data can still be collected and should be treated with 

caution and should not be directly compared with data collected in filtration. Additionally, the 

experimental conditions should also be standardized for pressure-driven filtration including the 

feed composition (i.e., concentration of each salt species) and the permeate flux (which can be 

controlled by varying pressure). Furthermore, to ensure the statistical reliability of the reported 
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membrane performance, we suggest not only performing replicate experiments but doing so using 

different samples of the same membrane. 

We further encourage future studies to evaluate their membranes using pressure-driven 

filtration at a permeate flux of 50 L m-2 h-1 with a solution of MgCl2 (25 mM) and NaCl (25 mM) 

for evaluating cation selectivity (Mg2+/Na+) and a solution of Na2SO4 (25 mM) and NaCl (25 mM) 

for evaluating anion selectivity (SO4
2-/Cl-). If other types of selectivity (e.g., Ca2+/Na+, Mg2+/Li+, 

Na+/K+) are of interest, they can also be evaluated at the same flux and concentrations. While we 

understand that these choices of flux and concentrations are arbitrary and bear no practical 

significance, we hope that the proposed standardization of testing conditions can provide common 

ground to cross-compare the performance of membranes developed in different research groups.  

 

Abbreviations 

(by first 

appearance) 

Description 

NF Nanofiltration 

UF Ultrafiltration  

RO Reverse osmosis 

TFC-PA Thin-film composite polyamide 

ICP-OES Inductively coupled plasma optical emission spectrometry 

CP Concentration polarization 

LSV Linear sweep voltammetry 

S-D Solution-diffusion 

ECP External concentration polarization 

ICP Internal concentration polarization 

  

Symbols Description 

ὐ Flux  

Ўὠ Permeate volume change 

ὃ Effective area of the membrane coupon 

Ўὸ Time period  

Ὑ Rejection 

ὅ Concentration  

Ὓ Selectivity  

Ў“ Osmotic pressure 
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’ van 't Hoff factor 

Ὑ Ideal gas constant 

Ὕ Absolute temperature 

Ὃ Conductance  

Ὂ Faraday constant  

ᾀ Ion valence 

Ў• Voltage drop 

Ὕ Ion transport number 

ὸ Ion transference number 

ὄ Permeability  

ὑ Partition coefficient 

Ὀ Diffusion coefficient 

Ὠ Thickness  

Ὧ Mass transfer coefficient 

  

Subscripts 

and 

superscripts 

Description 

w Water (or permeate) 

F Filtration  

p Permeate  

f Feed  

s Solute  

D Diffusion  

t Total  

m Membrane  

EM Electromigration  

h High 

l  Low  

G Conductance  
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CHAPTER 3: PERFORMANCE METRICS FOR NANOFILTRATION-BASED SELECTIVE 

SEPARATION FOR RESOURCE EXTRACTION AND RECOVERY 

 

This chapter is adapted from Performance Metrics for Nanofiltration-based Selective Separation 

for Resource Extraction and Recovery that has been accepted for publication in Nature Water and 

has been reproduced with the permission of the publisher and co-authors, Rongrong He, Tao He, 

Menachem Elimelech, and Shihong Lin. (Wang, R., He, R., He, T., Elimelech, M., & Lin, S. 

(2023). Performance Metrics for Nanofiltration-based Selective Separation for Resource 

Extraction and Recovery. Nature Water 1, 291ï300) 

 

3.1 Introduction 

 

Selective solute-solute separation has become a research frontier due to its potential applications 

in resource extraction and recovery.13,20 The technological progress in membrane-based solute-

water separation over the past half century, particularly in reverse osmosis (RO) and nanofiltration 

(NF), has enabled energy-efficient desalination and water purification.45,89 In those applications, 

water is the primary product whereas the solutes are the unwanted constituents rejected by 

membranes (Figure 3.1A). In seawater or brackish water desalination, the rejected solutes are 

mainly salts, while in wastewater reuse, the rejected solutes include both salts and organic 

substances. The ideal membranes for these applications should have a high water-solute 

selectivity, i.e., they should have high water permeability while maintaining low solute 

permeability, leading to fast water production and high solute rejection.89,90 Extensive efforts have 

been devoted to developing membranes with high water-solute selectivity.61,90 To date, 

commercial RO/NF membranes have adequate water-solute selectivities for delivering reasonably 

good performance in desalination and water purification.81,91  
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Figure 3.1 Illustration of solute-solute separation and success criteria for Li/Mg separation. (A) 
Illustration of conventional water/solute separation. Water is the primary product whereas the solutes are 

the unwanted constituents to be rejected by membranes. (B) Illustration of solute-solute separation. Certain 

target solutes are allowed to pass through while the others are retained by membranes. (C) Representative 

applications of selective solute-solute separation classified into two categories: improvement and 

enablement. Examples of the improvement category include NF-based water softening and micropollutant 

removal, where the primary product is water. Examples of the enablement category include acid (or base) 

recovery and Li/Mg separation, where the primary product is target solute. (D) An example treatment-train 

for Li extraction where NF-based Li/Mg separation is a critical step. An evaporative process first 

precipitates out Na and K salts and pre-enriches Li concentration; an NF process next separates Li from 

Mg, with most Li recovered to the permeate; an RO process then concentrates the Li-rich NF permeate; and 

a final precipitation process generates Li2CO3 as the product from the Li-rich RO retentate with Na2CO3. 

Success criteria for Li/Mg separation: (E) a successful Li/Mg separation should achieve high Li purity and 

recovery. (F) An undesired Li/Mg separation does not attain high Li purity and recovery simultaneously. 

 

Because RO membranes reject most solutes to a great extent and indiscriminately, pressure 

driven membrane-based selective solute-solute separation relies on NF which differentiates the 

rejections of solutes based on their physicochemical properties (Figure 3.1B). In general, NF-

based solute-solute separation can be classified into two major categories (Figure 3.1C). In the 

first category, the primary product is water, and the role of solute-solute separation is to improve 

the NF-based water treatment processes. For instance, in NF-based water softening, hardness ions 
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(Ca2+ and Mg2+) are rejected whereas monovalent ions (e.g., Na+ and K+) can readily pass 

through.92,93 NF has also been used to selectively remove micropollutants without removing benign 

mineral ions.94,95 The ability to achieve selective solute-solute separation in these contexts can lead 

to a desired product water quality (e.g., reserving nutrient ions for fertigation), prevention of 

mineral scaling in subsequent desalination processes, and/or energy saving via reducing 

transmembrane osmotic pressure difference.  

The second category of NF-based selective solute-solute separation aims at enabling the 

extraction of target solutes as the primary product. For example, when strong acid or base is used 

to recover cationic or anionic adsorbates from polymeric or mineral adsorbents, NF can be applied 

to concentrate the adsorbates (in the retentate) and recover acid or base (in the permeate) for reuse. 

A similar application of this type is dye recovery from textile wastewater, where dye molecules 

are retained and concentrated as the target solutes.96 One potentially prominent NF application of 

the second category is lithium (Li) extraction from brines rich in magnesium (Mg).4  

The conventional method for Li production from brine is based on evaporation and 

chemical precipitation, which typically requires that the brine has a low Mg to Li ratio (MLR).15,16 

In recent years, integration of membrane processes into the treatment trains has received increasing 

interest for process intensification, and for enabling Li extraction from brines with a high MLR.4 

A representative treatment train includes an evaporative process for precipitating out Na and K 

salts, an NF process for separating Li and Mg, an RO process to concentrate the Li-rich NF 

permeate, and a final precipitation process for generating Li2CO3 as the product (Figure 3.1D).19 

NF-based Li/Mg separation is the most critical and technically challenging unit process in such a 

treatment train. Thus, many efforts have been devoted in recent years to developing high-

performance NF membranes for Li/Mg separation.97ï103 

But what exactly is a good NF membrane for Li/Mg separation, or more generally, for any 

solute-solute separation? As the treatment goal is no longer simple separation of solute from water, 

the conventional framework of membrane evaluation based on water-solute selectivity is 

insufficient. In most papers on developing solute-solute separation membranes, performance was 

evaluated based on solute-solute selectivity and water permeability.97ï103 The selectivity of solute 

A over solute B, ὛȾ , is defined as32 
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ὛȾ ḳ
ρ Ὑ

ρ Ὑ

ὐȾὧȟ
ὐȾὧȟ

 (3.1) 

where Ὑ  (Ὑ ), ὐ (ὐ) and ὧȟ (ὧȟ) are the apparent rejection, solute flux, and feed concentration 

of solute A (or B), respectively. ὛȾ  is also called separation factor. The solute flux and feed 

concentration can be based on either mass or mole as long as the concentrations are consistent 

within the equation. In the following discussion, we will use mass-based definitions as adopted by 

most literature, although mole-based definitions are mechanistically more meaningful. 

 In this Analysis, we will show that ὛȾ  alone is insufficient for evaluating an NF 

membrane or process for selective solute-solute separations for resource recovery. While the 

principle should be generally applicable, we focus the current analysis on the specific application 

of Li/Mg separation to provide a concrete illustration. We start our analysis by evaluating the 

success criteria for Li/Mg separation and provide a critical analysis of literature data. We then 

perform coupon- and module-scale analysis to elucidate important operating and material 

considerations in NF-based Li/Mg separation. Finally, we introduce and discuss two important 

tradeoffs that will guide future process optimization and membrane development to achieve high-

performance Li/Mg separation. 

 

3.2 Theory and Methods 

 

3.2.1 Modeling module-scale performance with the SDEM model 

In this analysis, we employ the solution-diffusion-electromigration (SDEM) model to describe 

local ion transport across the membrane due to its simplicity and ability to model fluxes of multiple 

components. The SDEM model assumes that any point inside the membrane is in thermodynamic 

equilibrium with a virtual bulk electrolyte solution that is charge neutral.87,88,104 The virtual 

solution treatment is equivalent to applying a modified Nernst-Planck equation with the ion 

diffusion coefficient replaced by the ion permeability, which is the product of the partition and 

diffusion coefficients (Appendix B).87 The ion flux for species Ὥ, ὐ, in the SDEM model is 

described using the modified Nernst-Planck equation:  

ὐ ὖ
Äὧ

Äὼ
ᾀὧ
Ä•

Äὼ
 (3.2) 
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where ὖ is the ion permeability, ὧ is the ion concentration in the virtual solution, ὼ is the 

transmembrane coordinate normalized by the membrane thickness, ᾀ is the valence of species Ὥ, 

and • is the local electrical potential in the virtual solution. Solving Eq. (3.2) yields the trans-

membrane distributions of ion concentrations, electrical potential, and electrical field, which 

enables calculating rejections in a local differential element. 

 The SDEM model is semi-empirical because ὖ is not constant but has a rather complex 

dependence on the feed composition. While more mechanistic models are capable of describing 

multi-component transport, they usually contain questionable assumptions and many fitting 

parameters.73,105 For simplicity, we employ a linear correlation to relate ὖ to feed composition: 

ὖ ‌ὧȟ ‌ὧȟ ‌ (3.3) 

where ὧȟ  and ὧȟ  are the local interfacial feed concentrations of Li+ and Mg2+, and ‌ are fitting 

coefficients. We note that the linear correlation works well in this analysis but requires further 

validation before applying to a more complex mixture feed solution. The local interfacial 

concentrations relate to the local bulk concentrations via concentration polarization (CP): 

ὧȟ ὧȟ

ὧȟ ὧȟ
ÅØÐ

ὐ

Ὧ
 (3.4) 

where ὐ is local water flux and Ὧ is the mass transfer coefficient of species Ὥ. ὐ can be estimated 

using  

ὐ ὖ ῳὖ ῳ“  (3.5) 

where ὖ  is the water permeability, and ῳὖ and ῳ“  are the transmembrane difference of 

hydrostatic pressure and osmotic pressure, respectively. For relatively dilute solutions, the vanôt 

Hoff equation can be applied to relate ῳ“  to transmembrane concentration differences (see 

Section 3.2.2). The local mass transfer can be determined by solving Eqs. (3.2-3.5) simultaneously 

with charge neutrality and steady-state conditions: 

ᾀὧ π (3.6) 

ὐ ὐὧȟ (3.7) 
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where ὧ is the concentration of ion Ὥ in the virtual solution or the external feed and permeate, and 

ὧȟ is permeate concentration of ion Ὥ. Yaroshchuk and Bruening provided an analytical solution 

of the SDEM model for a ternary electrolyte system.87 Thus, a pair of ion permeabilities can be 

fitted to describe the coupon-scale ion transport behavior after accounting for concentration 

polarization (Eq. (3.4)), given experimental results of Li+ and Mg2+ rejections at a certain permeate 

flux. A MATLAB application is provided for fitting ion permeabilities. 

 The module behavior was then modeled via a finite difference method to relate mass 

transfer in differential elements. Each differential element either has the same membrane area or 

the same increment of water recovery (ὡὙ). Since ὡὙ increases as feed water flows past more 

membrane area, the module-scale behaviors can be equivalently modeled as a function of ὡὙ 

instead of a function of position along the module. The inputs were the applied pressure and the 

initial feed solution composition.  

The modified Nernst-Planck equation (Eq. (3.2)) and the local permeate flux (Eq. (3.5)) 

were solved iteratively with ion permeabilities as a function of interfacial feed solution 

composition (Eq. (3.3)) to determine the local permeate composition and thus local ion rejections. 

Species conservation was maintained in the retentate and permeate when coupling the adjacent 

differential elements: 

ὧȟ ὡὙ
Ä ρ ὡὙὧȟὡὙ

ÄὡὙ
 (3.11) 

where ὧȟ ὡὙ  and ὧȟὡὙ  are local permeate concentration and bulk retentate (or brine, 

subscript ñbò for brine) concentration of ion Ὥ at water recovery ὡὙ, respectively. Cumulative 

permeate concentration, ὧȟ ὡὙ, can be calculated as: 

ὧȟ ὡὙ
ὧ᷿ȟ ὡὙÄὡὙ

ὡὙ
 (3.9) 

Local and cumulative rejections were then calculated by: 

Ὑ ὡὙ ρ
ὧȟ ὡὙ

ὧȟὡὙ
 (3.10a) 
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Ὑ ὡὙ ρ
ὧȟ ὡὙ

ὧȟ
 

(3.10b) 

where ὧȟ is the initial (or influent) feed concentration of ion Ὥ.  

 

3.2.2 Estimation of osmotic pressure of the LiCl-MgCl 2 mixed electrolyte solution 

For relatively dilute solutions, the vanôt Hoff equation is usually applied to estimate the solution 

osmotic pressure: 

“
ὧ

ὓὡ
ὙὝ (3.11) 

where ὧ is ion mass concentration of ion Ὥ, ὓὡ is the molecular weight of ion Ὥ, Ὑ  is ideal gas 

constant, and Ὕ is solution temperature. Transmembrane osmotic pressure, Ў“ , can be then 

estimated with feed side interfacial concentrations and permeate concentrations: 

Ў“ ὙὝ
ὧ ȟ ὧȟ

ὓὡ
 (3.12) 

We note that if solution non-ideality is accounted for, ion permeance should be estimated in terms 

of ion activity gradient rather than concentration gradient. Ion activity coefficient and solution 

osmotic pressure can be estimated by the Pitzer model.106 

 

3.2.3 Li/Mg NF separation experiments using commercial membranes 

Li/Mg NF separation experiments were carried out in a lab-customized crossflow filtration system 

with stainless-steel membrane coupons. Effective membrane area of each coupon is 7.1 cm2. The 

crossflow rate is 2.7 L min-1. Three commercial thin-film composite polyamide NF membranes, 

NFX (Synder), and NF90 and NF270 (Filmtec, Dow), were tested. Pure water permeability was 

first measured at 6 bar after pre-compaction of the membrane samples. Li/Mg separation was then 

conducted at 6 bar with both retentate and permeate streams circulating back to the feed tank. The 

feed solutions were prepared with LiCl and MgCl2 (Sigma Aldrich) to achieve a total concentration 

of 2, 4, and 6 g L-1, and an MLR of 20, 40, and 60. After filtration reaches steady state, permeate 

flux was measured and permeate samples were collected for ion concentration measurements. Li+ 
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and Mg2+ concentrations were measured by inductively coupled plasma optical emission 

spectroscopy (ICP-OES). The permeate flux, ὐ, of the NF experiments was determined using the 

following equation: 

ὐ
Ўὠ

ὃЎὸ
 (3.13) 

where Ўὠ is the permeate volume produced in the period of Ўὸ and ὃ  is the effective filtration 

area of the membrane coupon. The observed ion rejection, Ὑ, was calcualted as 

Ὑ ρ
ὧȟ

ὧȟ
 (3.14) 

where ὧȟ and ὧȟ are concentrations of the target ion in the permeate and feed solution, 

respectively. 

 

3.3 Results and Discussion 

 

3.3.1 Why is selectivity not a sufficient metric?  

Assessing the adequacy of the metric ὛȾ  requires first defining a successful Li/Mg separation. 

Because the purpose of the separation is to extract Li from a Li/Mg mixture, the success criteria 

should have two aspects: purity and recovery (Figure 3.1E). Considering a simplified scenario 

with only Li+ and Mg2+ cations, the permeate Li purity, – , is defined as the mass fraction of 

cations in the permeate that are Li+: 

– ḳ
ὧȟ

ὧȟ ὧȟ
 (3.15) 

where ὧȟ  and ὧȟ  are the Li+ and Mg2+ concentrations in the permeate, respectively. The 

importance of Li purity is obvious as improving Li purity is the motivation for performing Li/Mg 

separation. A permeate with low Li purity will result in Li2CO3 precipitate containing unacceptable 

level of MgCO3 impurity. For a feed solution of a given MLR, –  relates to the Li/Mg selectivity, 

ὛȾ , via the following equation: 

–
ρ

ρ ὓὒὙȾὛȾ
 (3.16) 
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The second important success criterion is Li recovery, defined as the mass fraction of Li+ 

in the feed that is eventually recovered in the permeate. Specifically, Li recovery, ὒὭὙ, can be 

quantified as 

ὒὭὙḳ
ὗὧȟ

ὗὧȟ
ὡὙρ Ὑ  (3.17) 

where ὗ  and ὗ are the volumetric permeate flowrate and influent flowrate of the feed stream, 

respectively; ὧȟ  and ὧȟ  are the Li concentrations in the permeate and feed influent, 

respectively; ὡὙ is water recovery; and Ὑ  is Li rejection. Both ὡὙ and Ὑ  are module-scale 

performance metrics. As we will show shortly, using Ὑ  evaluated with membrane coupons for 

module-scale analysis can lead to inaccurate or even unphysical results. With the definitions of Li 

purity and recovery, it becomes apparent that a successful Li/Mg separation should recover the 

majority of Li from the feed solution and at the same time produce a permeate with a high Li purity 

(Figure 3.1E). In other words, attaining only high Li recovery or high Li purity alone is 

undesirable for the purpose of Li extraction (Figure 3.1F). 

We summarize and analyze literature data on the performance of NF membranes for Li/Mg 

separation. We also tested the performance of several commercial membranes (NFX, NF90, and 

NF270, Table B1) to benchmark performance comparison. Both the literature data and results 

from our experiments are compiled in Figure 3.2 (see also Table B2). The feed MLR spans a wide 

range from 5:1 to 120:1 and the Mg2+ concentrations vary by nearly two orders of magnitude 

(Figure 3.2A). The feed composition is critical as it affects Li/Mg selectivity and directly impacts 

Li purity via Eq. (3.16). 
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Figure 3.2 Summary of the performance of NF membranes used or developed for Li/Mg separation. 
(A) Li + and Mg2+ concentrations of the feed waters used in this study and studies reported in the literature, 

with the Mg2+/Li + mass ratios (MLR) presented in dash lines (vary from 5:1 to 150:1). Data points on the 

same dash line have the same MLR. (B) Li+ and Mg2+ rejections of three commercial NF membranes tested 

in this study (NFX, NF90, and NF270) and membranes reported in the literature, with Li+/Mg2+ selectivity 

(defined by Eq. 1) values presented in dash lines (vary from 5 to 100). Data points on the same dash line 

have the same Li+/Mg2+ selectivity. (C) Li +/Mg2+ selectivity as a function of Mg2+ rejection for three 

commercial NF membranes tested in this study and membranes reported in the literature. The selectivity 

has a strong dependence on Mg2+ rejection, especially when Mg2+ rejection is high. (D) Li+/Mg2+ selectivity 

as a function of MLR, with the permeate Li purity (defined by Eq. 2) presented in dash lines (varies from 

10% to 99%). Data points on the same dash line have the same purity. For all panels, circles represent data 

from literature studies, including polyamide membranes (legend: PA) and polyelectrolyte membranes 

fabricated by layer-by-layer deposition (legend: LbL); diamonds represent data collected in this study. 

 

The rejections of Li+ and Mg2+ span a wide range of values (Figure 3.2B). The rejections 

of Mg2+ are typically higher than 70% and can even reach 99.9%. The Li+ rejection (Ὑ ) varies 

from -140% to 87%. Negative rejection of highly permeable ions (Li+) is a result of maintaining 

Donnan equilibrium and is common in NF when the feed solution mixture has an abundance of 

strongly rejected co-ions (Mg2+) and counter-ions that can easily permeate through the membrane 

(Cl-).86,88,93 The permeation of Cl- promotes the transport of the highly permeable cation, Li+, to 
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maintain charge neutrality in the permeate solution, thereby resulting in a permeate with even 

higher Li+ concentration than that of the feed.  

The Li/Mg selectivity, ὛȾ , is strongly sensitive to Mg2+ rejection, especially when Mg2+ 

rejection is high (Figure 3.2C). This dependence is also obvious from the definition of ὛȾ  (Eq. 

(3.1)) in which the denominator is ρ Ὑ . The Li/Mg selectivity and the feed MLR together 

determine the permeate Li purity, which ranges from below 10% to over 90% (Figure 3.2D). The 

high sensitivity of ὛȾ  to Ὑ  suggests that a very high ὛȾ  can be achieved even if Li+ ions 

are well rejected, provided that Mg2+ rejection is near perfect. This property of ὛȾ  renders it an 

insufficient performance metric as it overlooks the factor of Li recovery. 

To illustrate the inadequacy of selectivity as a performance metric, a heuristic comparison 

between two scenarios with the exact same Li/Mg selectivity (50) is provided in Table 3.1. Two 

different separations with the same selectivity fall on the same Li/Mg selectivity line in Figure 

3.2B. The Ὑ  and Ὑ  are -80% and 96.4%, respectively, in the first scenario, and 95% and 

99.9% in the second scenario. Li recovery, ὒὭὙ, is estimated by Eq. (3.17) to be 90% for the first 

scenario but only 2.5% for second scenario when ὡὙ is 50%. The extreme difference of ὒὭὙ for 

the two separations with the same Li/Mg selectivity clearly demonstrates why selectivity is an 

inadequate metric. Because of the high sensitivity of Li/Mg selectivity to Ὑ , especially when 

Ὑ  approaches 100%, a very high Li/Mg selectivity can be achieved even when Ὑ  is 

unacceptably high for any Li recovery.  

 

Table 3.1 Performance comparison of two scenarios with the same Li/Mg selectivity 

 Scenario 1 Scenario 2 

Li/Mg Selectivity 50 

Purity 

MLR=10 83.3% 

MLR=50 50.0% 

Li+ Rejection -80% 95% 
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Mg2+ Rejection 96.4% 99.9% 

LiR (1) 

WR=50% 90% 2.5% 

WR=80% 144% 4.0% 

(1) The lithium recovery (LiR) calculated here is based on the to-be-disproved assumption of 

WR-independent Li+ and Mg2+ rejections. 

  

Notably, applying Eq. (3.17) with a ὡὙ of 80% in the first scenario predicts an unphysical 

ὒὭὙ of 144%. The emergence of this unphysical prediction is attributable to the implicit use of Ὑ  

measured using coupon-scale experiments in an equation (Eq. (3.17)) that should use Ὑ  of 

module-scale processes. While an Ὑ  of -80% is not uncommon in literature (Figure 3.2B), those 

reported Ὑ  values were measured using membrane coupons (i.e., ὡὙ is nearly zero) with a 

certain feed solution composition. To achieve a ὡὙ of 80% with membrane modules, however, 

the feed composition varies along the module due to the selective transport of water and ions. As 

we will show, Ὑ  of a module-scale process cannot be highly negative. In other words, an ὒὭὙ 

>100% should not emerge in a module-scale analysis that correctly captures the mass transfer 

behavior, which is the focus of the next section. 

 

3.3.2 Module-scale analysis of NF-based Li/Mg separation  

 We use the data of water flux and ion rejections of a polyelectrolyte membrane coupon 

measured with different feed compositions (Figure 3.3B) as reported by He et al.103 to extract the 

permeability of Li+ (ὖ ) and Mg2+ (ὖ ) and determine the correlation coefficients in Eq. (3.2). 

The polyelectrolyte membrane (named LbL in Figures 3.3B and 3.3C) was fabricated using layer-

by-layer (LbL) deposition of poly sodium (4-styrenesulfonate) (PSS) and poly(allylamine) 

hydrochloride (PAH).103 Additionally, we measured the performance of commercial NF 

membranes using the conditions (Methods and Figure B1). The correlations of ion permeability 

for these membranes are summarized in Table B3. In general, ὖ  is one to two orders of 

magnitude higher than ὖ , and the linear correlations can provide reasonable predictions of the 

permeabilities extracted from the SDEM model using experimental data (Figure 3.3C). 
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Figure 3.3 Coupon-scale NF-based Li/Mg separation modeled by the SDEM model. (A) Representative 

distributions of electrical potential (ű), electric field (╔ᴆ), and concentrations of Mg2+ (╬╜▌ ) and Li+ (╬╛░) 

across the active layer of a positively charged NF membrane. (B) From top to bottom: permeate water flux, 

Li +/Mg2+ selectivity, fitted ion permeabilities, and measured rejections as a function of feed composition. 

The composition comprises both total concentration (g L-1) and Mg2+/Li + (mass) ratio. Rejections and flux 

data were reported in He et al.ôs study.103 Li +/Mg2+ selectivity was calculated with Eq. 1. Ion permeabilities 

were fitted with the solution-diffusion-electromigration (SDEM) model. (C) Fitted permeability extracted 

from the SDEM model using experimental data vs. the predicted permeability obtained using the empirical 

correlation presented in Eq. 6 for three commercial NF membranes tested in this study and the LbL 

polyelectrolyte membrane in He et al.ôs study103. Concentration polarization was accounted for by an 

assumed mass transfer coefficient of 100 L m-2 h-1 for both LiCl and MgCl2. 

 

 With a model to evaluate the local mass transfer in a differential element, we can now 

extend the analysis to module-scale by numerically integrating the governing differential equations 

for species conservation over a finite membrane area (Methods). Here, we base our illustrative 

analysis on the polyelectrolyte membrane and generate representative results to describe the 

module-scale behaviors in NF-based Li/Mg separation. Intuitively, the module behavior can be 

described as a spatial distribution of solution properties and separation performance along the 

direction of the feed flow. However, a more universal representation is to replace the position in 
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the module with ὡὙ (up to that position) because ὡὙ increases as feed water flows past more 

membrane area.  

As more water is recovered, the Mg2+ concentration in the retentate (i.e., the solution 

remaining in the feed channel after partial water recovery) increases dramatically, whereas the 

retentate Li+ concentration first increases and then decreases but overall remains low (Figure 

3.4A). The permeate concentrations of Li+ and Mg2+ consistently increase with increasing ὡὙ 

(Figure 3.4B). Here, we distinguish between the local and cumulative permeate concentrations: 

the local concentrations are what could have been measured using a membrane coupon with the 

local feed composition, whereas the cumulative concentrations consider the cumulative ion and 

water permeation preceding the position corresponding to the current ὡὙ (i.e., ᷿ ὐÄὛȾ᷿ ὐÄὛ, 

where ÄὛ is the differential membrane area). Correspondingly, the Li+ and Mg2+ rejections can also 

be defined locally and cumulatively (Figure 3.4C). While the local Li+ rejection can become 

strongly negative (as observed with some membrane coupons), the cumulative Li+ rejection cannot, 

thereby preventing the erroneous inference of over 100% ὒὭὙ shown in Table 3.1. 

 

 

Figure 3.4 Module-scale NF-based Li/Mg separation modeled by the SDEM model. (A) Retentate 

concentrations (inset is the magnified Li+ curve), (B) Permeate concentrations, and (C) Rejections (inset is 
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the magnified Mg2+ curve) as a function of water recovery (WR). The dash curves with circles represent 

ñlocal valuesò whereas the solid curves present ñcumulative valuesò. In panel B, for example, the local 

concentration is obtained by applying the SDEM model to a differential module element using the retentate 

concentration at the same position (as in panel A); whereas the cumulative concentration is obtained 

considering accumulation of ions from the permeate stream entering the differential module element. In 

panel C, the local and cumulative rejections are calculated using the local and cumulative concentrations in 

panel B, respectively. On the right: (D) Retentate Mg/Li ratio (MLR), (E) Local and cumulative Li/Mg 

selectivity, and (F) Li  recovery as a function of WR. Simulation used 6 bar and a feed solution of LiCl and 

MgCl2 with 2 g L-1 total concentration and MLR of 20. Concentration polarization was accounted for by a 

mass transfer coefficient of 100 L m-2 h-1 for both LiCl and MgCl2. 

 

The non-monotonic dependence of retentate Li+ concentration on ὡὙ (Figure 3.4A inset) 

is a direct result of local Li+ rejection transitioning from positive to negative as ὡὙ increases 

(Figure 3.4C). Despite the low (but positive) Ὑ  at low ὡὙ, the Li+ in the retentate is still 

concentrated with more water recovered, until Ὑ  becomes negative at high ὡὙ. The strongly 

negative rejection of Li+ at high ὡὙ is a result of both high local MLR ratio (Figure 3.4D) and 

low local water flux due to diminishing driving force with increasing retentate osmotic pressure 

(Figure B2). Notably, both the cumulative selectivity and local selectivity drop with increasing 

ὡὙ (Figure 3.4E) despite the progressively more favorable Li+ permeation at higher ὡὙ (Figure 

3.4C), which can be explained by the noticeable reduction of Ὑ  with increasing ὡὙ (Figure 

3.4C inset) and the high sensitivity of ὛȾ  to Ὑ  (Eq. (3.1)). The drop in local Li/Mg 

selectivity is a result of both the varying retentate composition (Figure 3.4A) and water flux, as 

selectivity could be substantially compromised when the water flux is too low (Appendix B and 

Figure B3). Lastly, Li recovery, ὒὭὙ, increases monotonically as more water is recovered (Figure 

3.4F). 

 

3.3.3 Performance tradeoff in NF operation 

From an operational perspective, the module-scale analysis reveals an intrinsic tradeoff between 

the (cumulative) selectivity, ὛȾ , and Li recovery, ὒὭὙ. For a single-stage NF process with a 

given applied pressure and influent feed flowrate, a higher ὡὙ can be achieved by providing more 

membrane area. Increasing ὡὙ increases ὒὭὙ (Figure 3.4F) but at the cost of reduced 

ὛȾ (Figure 3.4E), resulting in the tradeoff between ὛȾ  and ὒὭὙ (Figure 3.5A).  
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Figure 3.5 Tradeoff between Li/Mg selectivity and Li recovery. (A) Tradeoff between cumulative 

selectivity and Li recovery at different applied pressures. At a given pressure, the Li recovery increases 

when more water is recovered. The values of water recovery (WR) are also provided. Each dash curve 

connects data points from the same WR obtained using different applied pressures. The simulations were 

performed using an applied pressure of 1, 2, 4, 6 and 8 bar and a feed solution of LiCl and MgCl2 with 2 g 

L-1 total concentration and an MLR of 20. (B) Coupon-scale selectivity as a function of water flux with a 

feed MLR of 20 and a total concentration of 2 g L-1 and 6 g L-1. The applied pressure varies up to 10 bar to 

vary the water flux.  Concentration polarization was accounted for by an assumed mass transfer coefficient 

of 100 L m-2 h-1 for both LiCl and MgCl2. 

 

The characteristic curve quantifying the tradeoff between ὛȾ  and ὒὭὙ, namely the 

operational tradeoff curve, depends on the applied pressure, ῳὖ, which affects the water flux. At 

a low ῳὖ, water permeates through the membrane at a lower rate. However, the ion fluxes are not 

affected proportionally due to the negligible advective ion transport in NF. Therefore, operating 

NF at lower ῳὖ enhances the relative Li+ permeation as compared to water permeation, which 

results in a higher ὒὭὙ at the same ὡὙ and thereby shifts the tradeoff curve toward the right (see 

dash curves in Figure 3.5A). This effect of enhanced ὒὭὙ at the same ὡὙ is more prominent at a 

higher ὡὙ. Notably, the maximum ὡὙ achievable with unlimited membrane area is also 

dependent on ῳὖ, as water permeation stops when ῳ“  reaches ῳὖ. In the extreme case of 

applying only 1 bar, the maximum attainable ὡὙ and ὒὭὙ are ~10% and ~22%, respectively.  

In the range of low ὡὙ,  ὛȾ  increases considerably as ῳὖ decreases from 8 bar to 4 

bar, i.e., reducing ῳὖ and water flux in this range also shifts the tradeoff curves up (Figure 3.5A). 
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However, further reducing ῳὖ below 4 bar compromises ὛȾ  (see reflection of dash curves in 

Figure 5A). With a ῳὖ of 1 bar, ὛȾ  becomes very low. While the cumulative selectivity, 

ὛȾ , has a complex dependence on multiple factors (e.g., water flux, feed composition) that 

varies along the module, the non-monotonic dependence of ὛȾ  can be explained by the flux 

dependence of local selectivity as shown in Figure 3.5B.  

In the water flux regime typical of NF (gray region in Figure 3.5B), local Li/Mg selectivity 

decreases monotonically with increasing water flux due to concentration polarization (CP). 

Specifically, because Mg2+ ions are far better rejected than Li+ ions, the accumulation of Mg2+ near 

the membrane surface is more severe than Li+, which results in a higher interfacial MLR at a higher 

water flux (Figure B4). A higher interfacial MLR is detrimental to local Li/Mg selectivity which 

is strongly sensitive to Mg2+ rejection, because a heightened interfacial Mg2+ concentration 

compromises Mg2+ rejection (Figure B5). In the very low water flux regime (yellow region in 

Figure 3.5B, untypical of NF), local Li/Mg selectivity drops dramatically with decreasing water 

flux due to the significantly reduced rejections of all ions because of the weakened ñdilution 

effectò. Because ὛȾ  is much more sensitive to Mg2+ rejection than to Li+ rejection, reducing 

the rejections of all ions leads to a dramatic drop in ὛȾ . 

Because selectivity is related to the permeate Li purity, – , via Eq. (3.3), the tradeoff 

between ὛȾ  and ὒὭὙ presented in Figure 3.5A can be directly converted to a tradeoff between 

–  and ὒὭὙ for a given feed MLR (Figure B6). At a given applied pressure, the tradeoff between 

the two important performance metrics in Li/Mg separation suggests that recovering more Li+ by 

using a larger membrane area will inevitably yield a permeate stream with a lower – . Within the 

typical range of NF flux, ὛȾ  and ὒὭὙ can be simultaneously improved by operating NF at a 

lower pressure to reduce water flux. Additionally, the tradeoff curve can also be shifted toward a 

more favorable direction when a better membrane is used, with the definition of ñbetterò to be 

discussed below. 

 

3.3.4 Performance metrics of NF membrane for Li/Mg separation 

What exactly is a ñbetter membraneò in the context of Li/Mg separation is an important question 

to the vibrant and growing community for developing high performance NF membranes for Li/Mg 
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separation. While many previous papers in this field compare membrane performance in a plot of 

Li/Mg selectivity vs. water permeability (ὛȾ  vs. ὖ), we have demonstrated why ὛȾ  is an 

insufficient metric (Table 3.1). We have also shown that a high water flux is detrimental to both 

Li selectivity (or purity) and recovery (Figure 3.5). Therefore, a high ὖ seems at odds with the 

success criteria for Li/Mg separation.  

 Selectivity is defined based on rejections which are less intrinsic than permeabilities, 

whereas membrane performance is more commonly quantified based on permeabilities. Although 

one may rightfully argue that permeabilities are also not entirely intrinsic properties, they are more 

intrinsic than rejections and are adopted in the most widely used framework for evaluating 

membrane performance for water-solute separation. Selectivity in water-solute separation is 

defined based on the ratio between water permeability (ὖ ) and solute permeability (ὖ). The 

water/solute selectivity (ὖȾὖ) is usually plotted against the water permeability (ὖ) to illustrate 

the perm-selectivity of membranes.81,107,108 However, such a performance evaluation framework 

based on ὖȾὖ vs. ὖ is clearly inappropriate for Li/Mg separation with very different success 

criteria compared to water-solute separation. 

  Not only an ideal NF membrane for Li/Mg separation should enable fast Li+ transport and 

slow Mg2+ transport so that selective permeation of Li+ over Mg2+ can be achieved to maximize Li 

purity, but it should also favor Li+ permeation over water permeation to promote Li recovery. If 

water permeation is very fast yet Li+ permeation is very slow, only a small fraction of Li+ in the 

feed solution will end up in the permeate. Given these considerations, we propose that the 

performance of an NF membrane for Li/Mg separation should be evaluated based on two 

permeability ratios, ὖȾὖ  and ὖȾὖ (Figure 3.6A). A high ὖȾὖ  favors Li/Mg selectivity 

and Li purity, whereas a high ὖȾὖ  favors Li recovery. These two permeability ratios directly 

correspond to the two success criteria in NF-based Li/Mg separation. 
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Figure 3.6 Performance metrics of NF membrane for Li/Mg separation. (A) Ratio between Li 

permeability and Mg permeability (PLi/PMg) vs. ratio between Li permeability and water permeability 

(PLi/Pw). This evaluation framework applies to extracting Li, or more generally, the ions enriched in the 

permeate. Increasing PLi/Pw improves Li recovery, whereas increasing PLi/PMg enhances permeate Li purity. 

(B) Ratio between Li permeability and Mg permeability (PLi/PMg) vs. ratio between water permeability and 

Mg permeability (Pw/PMg). This evaluation framework applies to extracting Mg, or more generally, the ions 

enriched in the brine. The size of the data points quantifies the water permeability, Pw (see legend). The 

permeabilities are extracted using the SDEM model with an assumed mass transfer coefficient of 100 L m-

2 h-1 for both LiCl and MgCl2. 

 

Like water-solute separation, a membrane with a higher ὖ  can reduce the energy 

consumption and/or membrane area for a given feed flowrate, thereby reducing overall cost of the 

separation.89,91 In Li/Mg separation, however, a higher ὖ  is beneficial only if it does not 

compromise ὖȾὖ, because ὒὭὙ is likely a more important performance metric than water flux 

or volume-specific energy consumption. In a bubble plot of ὖȾὖ  vs. ὖȾὖ , where ὖ may be 

quantified by the size of the ñbubblesò (Figure 3.6A), an ideal membrane is a ñbig bubbleò on the 

upper right of the plot. The concept of a performance upper bound commonly employed for perm-

selectivity in water-solute separation also applies here to describe the tradeoff between Li purity 

and recovery. Future studies on developing high-performance NF membranes should aim to 

populate the bubble plot beyond the current upper bound.  

The ὖȾὖ  vs. ὖȾὖ bubble plot should be used with caution when comparing 

membrane performance. Ideally, all data points in this plot should be obtained using the same feed 

composition and operating conditions, which is not necessarily the case across different studies. 
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These testing conditions impact membrane performance, which is evident from the mild scattering 

of performance for a given membrane tested in different conditions (Figure 3.6A and Table B4). 

Future studies on membrane development should converge to a unified testing protocol for 

performance comparison on the ὖȾὖ  vs. ὖȾὖ  bubble plot. 

 

3.3.5 Extending performance metrics of NF membrane for recovering ions in the brine 

While the current analysis primarily focuses on Li extraction where the ions enriched in the 

permeate (i.e., Li+) are the product, the analysis framework can readily be extended to other 

selective solute separation where the ions retained in brine are the product (e.g., rare earth metal 

recovery).109 Without collecting new sets of data for such applications, here we analyze the same 

dataset for Li/Mg separation but for a hypothetical scenario where Mg2+ ions are the product 

(Figure 3.6B). The success criteria for such an application are clearly Mg purity and recovery. 

Analogous to how we evaluate membrane performance for Li extraction, here the ὖȾὖ  ratio 

remains important as it determines the Mg purity in the brine stream. Unlike Li extraction, 

however, the relevant membrane property to Mg recovery is ὖȾὖ . A high water permeability, 

ὖ, does not only improve performance from an energy or kinetic perspective as in conventional 

water-solute separation, but also benefits Mg recovery by ensuring that only a small fraction of 

Mg2+ ions in the feed stream will end up in the permeate stream when most water permeates 

through the membrane. These two membrane performance metrics for Mg recovery using NF-

based Li/Mg separation, ὖȾὖ  and ὖȾὖ , positively correlate with each other based on data 

evaluated from literature using the SDEM model (Figure 3.6B). In other words, there is no tradeoff 

at the membrane level when NF-based Li/Mg separation is used toward Mg recovery. 

 

3.4 Perspectives and Outlook 

 

Our analysis demonstrates that the existing framework for evaluating NF performance in water 

treatment is inadequate for quantifying NF performance for selective solute-solute separation. The 

performance metrics in the existing framework mismatch the success criteria for selective solute-

solute separation when the goal is to extract a target solute as the desired product. Li/Mg separation 

is chosen as an example for illustrating such a mismatch and for developing a suitable framework 
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for evaluating process and membrane performance. In NF-based Li/Mg separation, the key 

performance metrics at the process level should be Li/Mg selectivity (or Li purity) and Li 

recoveryðnot water permeability as currently used. The consideration of these two metrics results 

in important tradeoff relations for operation optimization and membrane development.  

From an operation perspective, process optimization of NF for Li/Mg separation should 

focus on Li purity and recovery which are constraint by a tradeoff relation (Figure 3.5). Factors 

that are critical in water treatment, such as energy consumption and membrane cost, are likely less 

important in Li/Mg separation due to Li being a commodity with a much higher economic value 

than water. From membrane development perspective, NF membranes for Li/Mg separation should 

be evaluated using the ὖȾὖ  vs. ὖȾὖ bubble plot (Figure 3.6), which captures membrane 

properties most relevant to the success criteria of Li/Mg separation.  

We also demonstrate how this analysis framework can readily extend to another general 

category of selective solute separation where ions in the brine are the target ions of extraction. 

We believe this general analysis framework featuring target ions purity and recovery will guide 

future endeavors in process innovation and optimization and the development of high-

performance NF membranes for selective solute-solute separation. 

 

Abbreviations 

(by first 

appearance) 

Description 

NF Nanofiltration 

RO Reverse osmosis 

TFC-PA Thin-film composite polyamide 

ICP-OES Inductively coupled plasma optical emission spectrometry 

CP Concentration polarization 

S-D Solution-diffusion 

MLR Mg to Li mass ratio 

SDEM Solution-diffusion-electromigration  

WR Water recovery 

LiR Lithium recovery 

LbL Layer-by-layer 

PSS Poly sodium (4-styrenesulfonate) 

PAH Poly(allylamine) hydrochloride 
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Symbols Description 

Ὓ Selectivity  

Ὑ Rejection  

ὐ Flux  

ὧ Concentration  

ὖ Permeability  

• Electrical potential  

ὼ Transmembrane coordinate normalized by the membrane thickness 

ᾀ Ion valence 

‌ Fitting coefficients 

Ὧ Mass transfer coefficient 

ῳὖ Transmembrane difference of hydrostatic pressure 

ῳ“  Transmembrane difference of osmotic pressure 

ὡὙ Water recovery 

ὓὡ Molecular weight 

Ὑ  Ideal gas constant 

Ὕ Absolute temperatrue 

Ўὠ Permeate volume change  

Ўὸ Time period 

ὃ  Filtration area 

– Purity  

ὓὒὙ Mg to Li mass ratio 

ὒὭὙ Li recovery  

ὗ Flow rate 

  

Subscripts 

and 

superscripts 

 

f Feed  

p permeate 

w Water (or permeate) 

cum Cumulative  

loc Local  

fm Feed-membrane interface 
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CHAPTER 4: MULTI -PASS NANOFILTRATION FOR HIGH LITHIUM RECOVERY AND 

PURITY 

 

4.1 Introduction 

 

Lithium (Li) has become one of the most valuable resources in the 21st century with a sharp 

increase in demand due to its applications in battery and energy-storage industries.15,110 Li+ is 

abundant in the salt brine lakes, though at a relatively low concentration compared to other co-

existing cations, especially magnesium (Mg), which usually exists at tens to hundreds of times 

higher concentration.19 Li+ is usually recovered in the form of hydroxide and carbonate 

compounds. However, the incomplete separation of Li+ from Mg2+ can severely compromise the 

final product purity. Thus, Li/Mg separation poses a critical challenge in the Li extraction process. 

Conventional evaporation/precipitation-based Li/Mg separation approach requires a large 

footprint and substantial amount of chemicals and cannot effectively handle brines with high Mg2+ 

to Li+ mass ratio (MLR).15,16 Nanofiltration (NF), which can separate monovalent and divalent 

ions, has been extensively studied and applied to Li/Mg separation due to its system compactness 

and modularity, and process sustainability.4  

NF membranes have sub-nanometer pores and charged functional groups that allow them 

to selectively transport ions by steric, dielectric, Donnan exclusions, and dehydration mechanisms. 

The selectivity of monovalent and divalent ions stems from the difference in ion size, valence, and 

mobility. While the Li/Mg selectivity of most commercial and lab-customized NF membranes is 

typically lower than 30, with some exceptional membranes achieving 80~100,97ï103 such 

selectivity corresponds to a product purity of 10%~90% when treating a typical brine with high 

MLR (e.g., 10~120) in a single pass of filtration, which fails to meet the strict industrial 

requirements of product purity (e.g., 98%~99.9%) without additional chemical purification. 

Besides the material-level limit of membraneôs intrinsic ability to separate Li+ and Mg, which may 

be substantially improved with a better design of membrane material and structure (e.g., 

incorporating coordination chemistry),31,98,103,111,112 an operational tradeoff exists at process-scale 

between the two success criteria for Li extraction, Li/Mg selectivity and Li recovery. Selectivity 

inevitably reduces as more Li+ is recovered in a single pass filtration process. Therefore, innovation 
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and optimization of the current NF-based Li/Mg separation process are necessary to improve both 

Li/Mg selectivity (i.e., product purity) and Li recovery simultaneously. 

Multi -pass filtration is a straightforward and effective way to improve product purity.113 

Two or three passes of reverse osmosis is adopted in seawater desalination and wastewater 

purification as the feed streams contain small and neutral compounds (e.g., boron and some 

micropollutants) that cannot be perfectly rejected in a single pass.114,115 Similarly, a multi-pass NF 

process, where the permeate of each pass is repressurized to feed to the next pass (Figure 4.1), is 

supposed to have higher Li/Mg selectivity by rejecting the less permeable ion, Mg2+, for multiple 

times. Similar approach has been employed in selective electrodialysis for Li/Mg separation. A 

four-stage electrodialysis module was validated experimentally to enhance the Li/Mg selectivity 

by orders of magnitude.34 However, the overall Li recovery can be lower in the multi-pass process 

if the brines are disposed directly after each filtration pass as 100% water recovery or Li recovery 

is unlikely to achieve in any single pass. To address this issue, the brine of each pass beyond the 

1st pass may cycle back to the previous pass as an additional feed (dash arrows in Figure 4.1). 

With recirculation, the multi-pass process has only one main brine stream from the 1st pass, and 

one main permeate stream (i.e., product stream) from the last pass, thereby mitigating the loss of 

Li+ in the process. 

 

 

Figure 4.1 Schematics of the multi-pass NF process for Li/Mg separation. The permeate of Nth pass is 

the feed of N+1th pass. The brine of Nth pass recirculates back to the feed of N-1th pass. Each pass can be 
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operated at different pressure and water recovery. Passes between the 3rd and Nth pass, and pumps for 

pressurizing streams and recirculation are omitted for simplicity. 

 

In this study, we first conduct experiments to evaluate the Li/Mg separation performance 

of a three-pass NF process without recirculation under varying operating pressure, using a simple 

Li/Mg mixture as the feed solution. We then investigate the impacts of co-existing cations on 

Li/Mg selectivity and Li recovery of the multi-pass process. Finally, we extend the analysis to 

predicting the performance of multi-pass Li/Mg separation with brine recirculation by applying a 

module-scale NF model. 

 

4.2 Materials and Methods 

 

4.2.1 Experiments of multi-pass NF without recirculation 

Li/Mg NF separation experiments were carried out using a commercial polyamide-based spiral-

wound NF membrane module, NFX-1812 (Synder Filtration, USA), in a lab-customized crossflow 

filtration system. Effective membrane area of the module is 0.37 m2. Pure water permeability was 

first measured after pre-compaction of the membrane. Li/Mg separation was then conducted with 

synthetic brines at different pressure in a semi-bench mode, i.e., circulating the brine stream back 

to the feed tank and collecting the permeate stream in a separate tank until the target water recovery 

was achieved. The target water recovery was set as 75% for the 1st pass, and 85% for the 2nd and 

3rd passes. A balance was used to monitor the mass increase of permeate tank over time for water 

recovery estimation.  

A simple mixture of 3.4 mM LiCl and 19.6 mM MgCl2 was first used as the initial feed 

solution to test multi-pass separation performance. The concentrations of Li+ (23.8 mg L-1) and 

Mg2+ (470.4 mg L-1) represent a diluted brine with a MLR of 20 (i.e., an average MLR for natural 

brine lakes). A more complicate and practical brine composition (Table C1) was then tested to 

study the impacts of co-existing cations on the multi-pass Li/Mg separation. Feed and permeate 

solutions were sampled at different water recovery with a sampling volume of 1 mL per sample. 

Permeate flowing out of the spiral-wound module and permeate after mixing in the collection tank 

were sampled separately, and were referred to as the ólocal permeateô and ócumulative permeateô, 
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respectively. Cation concentrations of collected samples were measured by inductively coupled 

plasma optical emission spectroscopy. For multi-pass filtration experiments without recirculation, 

each pass was conducted sequentially with the permeate composition used as the feed composition 

for the next pass.  

The local permeate flux, ὐ, at different water recovery was determined using the following 

equation: 

ὐ
Ўά

ὃЎὸ
 (4.1) 

where Ўά is the permeate tank mass change in a short time period of Ўὸ and ὃ is the effective 

filtration area of the membrane module. The observed local ion rejection at a certain water 

recovery, Ὑ ὡὙ, was calcualted as 

Ὑ ὡὙ ρ
ὧȟ ὡὙ

ὧȟὡὙ
 (4.2) 

where ὧȟ  and ὧȟ are concentrations of the target ion in the local permeate and brine, 

respectively. While the cumulative ion rejection, Ὑ , was calcualted as 

Ὑ ὡὙ ρ
ὧȟ ὡὙ

ὧȟ
 (4.3) 

where ὧȟ  is the concentration of the target ion in the cumulative permeate, and ὧȟ is the initial 

feed concentration of the current pass. The Li/Mg selectivity or separation factor, ὛȾ , is defined 

as32 

ὛȾ ḳ
ρ Ὑ

ρ Ὑ
 (4.4) 

Product purity (– ) is related to the MLR of the feed solution and the Li/Mg selectivity via the 

following equation: 

–
ρ

ρ ὓὒὙȾὛȾ  
 (4.5) 

Li recovery (ὒὭὙ), defined as the mass fraction of Li+ in the feed that is eventually recovered in 

the permeate, can be quantified by 
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ὒὭὙ ὡὙρ Ὑ  (4.6) 

 

4.2.2 Modeling multi -pass NF with recirculation 

A module-scale NF model for mixture solutions was applied to evaluate the Li/Mg separation 

performance of the multi-pass NF process, in which the local mass transport across the membrane 

was described by the solution diffusion electromigration model (SDEM).87,88,104 The model was 

first validated by comparing predictions to the experimental results of multi-pass NF without 

recirculation. The analysis was then extended to the multi-pass system with recirculation for 

different number of passes. Steady state operation was assumed. More details about the modeling 

are provided in the Appendix C. 

 

4.3 Results and Discussion 

 

4.3.1 Tradeoff between selectivity and recovery in multi -pass Li/Mg separation 

Li/Mg separation performance of a three-pass NF process without recirculation was first tested 

with the simple Li/Mg feed. Li+ rejection increases with number of passes, while Mg2+ rejection 

decreases (Figure 4.2A and 4.2B). Negative rejection of Li+ is common in mixed salts NF as a 

result of maintaining Donnan equilibrium when the feed solution is in abundance of strongly 

rejected Mg2+ while Cl- can easily permeate through the membrane.86,88,93 The permeation of Cl- 

promotes the transport of Li+ to maintain charge neutrality in the permeate solution. The local Li+ 

rejection in the 1st pass can be strongly negative when water recovery increases (Figure 4.2A), 

mainly due to both the increasing local MLR and decreasing local water flux as driving force 

diminishes with the increasing brine osmotic pressure (Figure C1). Li+ rejection becomes positive 

in the 2nd pass and further increases in the 3rd pass as most Mg2+ is rejected in the 1st pass and MLR 

drops by an order of magnitude after each pass (Figure C2). NFX membrane is negatively charged 

around neutral pH, but the adsorption of multivalent cations (e.g., Mg2+) to carboxylic functional 

groups can lead to charge reversal (i.e., becomes positively charged),105 which benefits the high 

rejection of Mg2+ and thus the increase of Li/Mg selectivity. With substantially reduced Mg2+ 

concentration in the 2nd and 3rd passes (Figure C2), the charge reversal effect is weakened and 

thus the membrane becomes less positively charged, which may explain the decrease of Mg2+ 

rejection over passes. 
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Figure 4.2 Performance of a three-pass Li/Mg separation process. (A-B) Local and cumulative Li+ 

rejection (A) and Mg2+ rejection (B) as a function of water recovery in each pass. (C) Li/Mg selectivity 

versus Li recovery in each pass. Pressure in panels (A-C) was 6 bar. (D) Overall Li/Mg selectivity and Li 

recovery variation with number of passes using different pressure. Feed solution was the simple LiCl/MgCl2 

mixture. 

 

Li/Mg selectivity is sensitive to Mg2+ rejection by definition (Eq. 4.4), especially when 

Mg2+ is well rejected (e.g., Ὑ  > 95%). Thus, the tradeoff between Li/Mg selectivity and Li 

recovery is most obvious in the 1st pass where the selectivity drops from 60 to less than 30 as Li 

recovery increases from 0 to over 90% (Figure 4.2C). The tradeoff still exists in the 2nd and 3rd 

passes though the curves become flatter (Figure 4.2C), as the selectivity (<15) is much lower due 

to the decreased Mg2+ rejection and increased Li+ rejection. The tradeoff between selectivity and 

recovery is affected by applied pressure or permeate flux (Figure C3). Although a higher pressure 

allows to achieve a higher water recovery, especially in the 1st pass where the osmotic pressure 
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accumulates with water recovery fast, the higher water flux caused by higher operating pressure 

can be detrimental to Li recovery. Because only a small fraction of Li+ in the feed solution can be 

recovered to the permeate if the water permeation is much faster than Li+ permeation. The pressure 

also has a non-monotonic impact on the Li/Mg selectivity. The lower selectivity in the low pressure 

range is due to the weakened ñdilution effectò, while the lower selectivity in the high pressure 

range is a result of enhanced concentration polarization effect. The proper pressure or water flux 

for optimal Li/Mg selectivity depends on both the membrane and feed solution composition. 

Overall, the Li/Mg selectivity exceeds 100 with the 2nd pass for all tested pressure, and can achieve 

1000~2000 (equivalent to a purity of 98%~99%) after the 3rd pass except for the 8 bar case (Figure 

4.2D). However, the cumulative loss of Li recovery (~40%) is also substantially higher than the 

single-pass process, which may be mitigated by recovering more water in each single pass and by 

inducing the brine recirculation strategy.  

 

4.3.2 Impacts of co-existing cations on multi-pass Li/Mg separation 

A mixture of LiCl, MgCl2, CaCl2, KCl, and NaCl (Table C1) was tested as the feed to validate the 

effectiveness of multi-pass NF for enhancing Li/Mg selectivity in a more practical scenario. Mg2+ 

shows the highest rejections (85%~95%), while Ca2+ rejection is lower but still over 80%. Na+ and 

K+ have similar rejections as Li+ (Table C2). Both Mg/Li and Ca/Li mass ratio drops by an order 

of magnitude after each pass, while Na/Li and K/Li mass ratio maintains almost unchanged over 

the three passes (Figure 4.3A). Therefore, the NFX membrane is effective to separate monovalent 

ions from divalent ions, but it shows no selectivity to monovalent cation pairs. The impact of each 

co-existing cation (e.g., Ca2+, K+ and Na+) on the Li/Mg selectivity has been investigated 

individually in the literature usually at the coupon-scale (i.e., zero water recovery),116 but rarely 

tested in a mixture and with a high water recovery. The existence of Ca2+ is reported to increase 

Li/Mg selectivity,116 as Ca2+ usually has a similar rejection as Mg which increases the 

divalent/monovalent cation ratio and thus forces Li+ rejection to be more negative to balance the 

transport of Cl-. Meanwhile, the existence of other monovalent cations, Na+ or K+, is reported to 

decrease Li/Mg selectivity,116 because both Na+ and K+ have a smaller hydrated radius than Li+ 

and thus are preferably transferred across the membrane with less hindrance (both at interfacial 

partition and intra-pore transport), or in other words, with a lower energy barrier. When Ca2+, K+ 
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and Na+ co-exist in the feed mixture, their individual impact on Li/Mg selectivity offsets each other 

to some extent, and thus the observed overall Li/Mg selectivity after each pass is similar as or even 

higher than that measured with the simple Li/Mg feed (Figure 4.3B). The overall Li/Mg selectivity 

with complex feed approaches 2000 (equivalent to 99% purity) after the 3rd pass. However, Li 

recovery is further reduced when Ca2+, K+ and Na+ co-exist, mainly due to the preferable transport 

of K+ and Na+ over Li+. 

 

 

Figure 4.3 Impacts of co-existing cations on the performance of a three-pass Li/Mg separation 

process. (A) Mass ratio of co-existing cations to Li+ in the feed and the permeate of each pass. (B) Overall 

Li/Mg selectivity and Li recovery variation with number of passes for simple feed and complex feed. Water 

recovery was 75% for the 1st pass and 85% for the rest. Pressure was 6 bar. 

 

4.3.3 High selectivity and recovery achieved simultaneously with brine recirculation 

The Li/Mg separation performance of a four-pass NF process with brine recirculation was analyzed 

via module-scale modeling approach. The local ion transport across the membrane in the module-

scale NF model is characterized by ion permeabilities in the SDEM model. Ion permeability 

depends on both membrane properties and solution composition. Experimental results of the three-

pass filtration without recirculation were used to fit Li+ and Mg2+ ion permeabilities under different 

pressure and water recovery. Mg2+ permeability increases over an order of magnitude over the 

three passes, corresponding to the rejection reduction from 95% to 80% in Figure 4.2B, while Li+ 

permeability variation is much less (Table C3). An empirical correlation (Eq. C4 and Table C4) 
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successfully captures the ion permeability variation as a function of Li+ and Mg2+ concentrations 

in the brine stream after accounting for concentration polarization (Figure C4). The module-scale 

NF model was then validated by predicting similar Li/Mg selectivity and Li recovery in a three-

pass process without brine recirculation as experimental results (Figure C5). The model further 

predicts the Li/Mg selectivity can exceed 4000 (equivalent to 99.5% purity) after a four-pass 

filtration without brine recirculation, though accompanied by substantial Li recovery loss (i.e., 

15~20%) in each pass of the 2nd to 4th passes (dash line in Figure 4.4). The analysis was next 

extended to include brine recirculation. A high Li/Mg selectivity (4889) and high Li recovery 

(96.6%) can be achieved simultaneously with four passes and brine recirculation (solid line in 

Figure 4.4). The tradeoff between selectivity and recovery is predicted to be overcome with 

recirculation. The multi-pass NF process leverages the high Li recovery (>95%) achieved in the 

1st pass and thus avoids any Li loss in the rest passes. Ion concentrations in each stream of a four-

pass filtration process are tabulated (Table C5). 

 

 

Figure 4.4 Lithium recovery of multi -pass Li/Mg separation process enhanced by recirculation. 

Overall Li/Mg selectivity and Li recovery was simulated with and without recirculation for four passes. 

Feed solution was the simple LiCl/MgCl2 mixture. Pressure was 6 bar. Water recovery was set as 80% for 

the 1st pass and 90% for the rest. Mass transfer coefficient of 100 L m-2 h-1 was used to account for 

concentration polarization. 
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4.4 Implications 

 

NF process is promising to extract Li+ from brine lakes with high mass ratio of Mg2+ to Li+. 

However, the Li/Mg selectivity of currently available NF membranes is not high enough to satisfy 

the industrial product purity requirements in a single-pass filtration. The multi-pass NF process 

with brine recirculation proposed in this study can achieve ultra-high selectivity without sacrificing 

Li recovery. The performance may be further enhanced by optimizing the operating pressure and 

water recovery in each pass, and by applying a better NF membrane as the analysis here was only 

based on a commercial NF membrane. The proposed process is expected to be effective for 

simultaneous high selectivity and recovery in other solute-solute separations, like nutrient recovery 

from wastewaters. 

 

Abbreviations 

(by first 

appearance) 

Description 

NF Nanofiltration 

RO Reverse osmosis 

ICP-OES Inductively coupled plasma optical emission spectrometry 

CP Concentration polarization 

MLR Mg to Li mass ratio 

SDEM Solution-diffusion-electromigration  

WR Water recovery 

LiR Lithium recovery 

  

Symbols Description 

Ὓ Selectivity  

Ὑ Rejection  

ὐ Flux  

ὧ Concentration  

ὖ Permeability  

• Electrical potential  

ὼ Transmembrane coordinate normalized by the membrane thickness 

ᾀ Ion valence 
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‌ Fitting coefficients 

Ὧ Mass transfer coefficient 

ῳὖ Transmembrane difference of hydrostatic pressure 

ῳ“  Transmembrane difference of osmotic pressure 

ὡὙ Water recovery 

Ўά Permeate mass change  

Ўὸ Time period 

! Filtration area 

– Purity  

ὓὒὙ Mg to Li mass ratio 

ὒὭὙ Li recovery  

ὗ Flow rate 

  

Subscripts 

and 

superscripts 

 

f Feed  

p permeate 

w Water (or permeate) 

cum Cumulative  

loc Local  

b brine 

 

  



66 

 

CHAPTER 5: EXTENDED DONNAN-MANNING THEORY FOR SELECTIVE ION 

PARTITION AND TRANSPORT IN ION EXCHANGE MEMBRANE 

 

This chapter is adapted from Extended Donnan-Manning Theory for Selective Ion Partition and 

Transport in Ion Exchange Membrane that has been submitted to Journal of Membrane Science 

for peer-review and has been reproduced with the permission of co-authors, Ravindra Duddu and 

Shihong Lin. 

 

5.1 Introduction 

 

Precise solute-solute separation is a topic of growing interest due to its relevance in resource 

extraction from brine lakes and seawater (e.g., lithium and rare earth elements extraction) and 

nutrient recovery from wastewaters (e.g., nitrogen and phosphorus recycling) 12ï14,117. 

Electrodialysis (ED) is one of the most promising membrane processes for selective ion-ion 

separation 36,46. The key components that govern the performance of an ED process are ion 

exchange membranes (IEMs) which are dense polymer matrices with high density of fixed charge 

groups. IEMs allow the transport of counter-ions and repel co-ions and can thus achieve the 

separation of species with opposite charges. Historically, an ED process using alternately stacked 

cation exchange membranes (CEMs) and anion exchange membranes (AEMs) has been 

investigated most extensively for desalination 118ï120. However, recent studies have started to 

investigate ED for selective separations, hoping to leverage IEMsô selectivity between like-

charged species based on valence difference and/or difference in ion-membrane affinity 34,121ï124. 

To guide the design of next generation IEMs for the specific application of ion-ion separation, 

fundamental understanding and quantitative description of selective ion transport through IEMs 

are critical.  

Ion transport across the IEMs can be described by ion partition at two solution-membrane 

interfaces and ion transport inside the IEMs. Counter-ion selectivity of IEMs can be approximated 

by a product of partition selectivity at interfaces and mobility selectivity inside the membrane 36,125. 

A desired IEM with high selectivity toward the ion of interest should prefer the partition and 

transport of target ion inside the membrane. To guide the design of IEMs with better selective 

separation ability, a mechanistic model that can relate selectivity with membrane structural and 

chemical properties is desired but still under development.  



67 

 

Ion partition to IEMs can be measured by static sorption experiments 126ï128. Donnan 

equilibrium is usually applied to predict the ion partition at solution-membrane interfaces but it 

only accounts for electrostatic effects. Other models beyond the ideal Donnan model have been 

proposed to describe the ion partition. Donnan-Affinity model groups any non-ideal behavior 

during partition to an affinity term which results in a simple model with good fitting ability but 

lacks mechanistic insights on how to design better IEMs 121,129. The Donnan-Manning model 

applies Manningôs counter-ion condensation theory to describe ion transport across IEMs more 

mechanistically but has only been validated with single salts 43,130ï132. However, ion transport with 

mixed salts can be very different from that with single salts and only mixed salts are practically 

relevant under the context of any selective separation 133.  

Ion transport inside the IEMs can be described by the Nernst-Planck equations but requires 

the knowledge of accurate intra-membrane ion diffusivity. Ion diffusivity can be measured from 

salt diffusion experiments and membrane conductivity measurements for single salts or fitted from 

ED experiments with the prior measurement of ion partition for mixed salts 43,134. Tortuosity effect 

is usually the only effect considered when modeling the diffusivity impediment inside IEMs 129. 

Recently, models based on Manningôs theory have been applied to account for the impeding 

electrostatic effect of fixed charges on ion diffusivity, but only for single salts 135,136. Extension 

and validation of these models to mixed salts are necessary for the investigation of counter-ion 

selectivity of IEMs.  

In this study, we first generalize the Manningôs counter-ion condensation model to mixed 

salts. The generalized model is then validated with results from recent literature for di-/mono-

valent and mono-/mono-valent ion partition experiments using both CEMs and AEMs. We also 

compare the generalized Donnan-Manning model with the ideal Donnan model and the Donnan-

Affinity model on counter-ion selectivity and co-ion partition. We next discuss the impacts of 

membrane properties on counter-ion partition selectivity. Finally, we compare the model 

predictions of mobility selectivity to experimental results and discuss the possible reasons of the 

observed deviation.  

 

5.2 Theory and Methods 
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5.2.1 Ion-ion selectivity 

The ion flux across the IEM, ὐ [mol m-2 s-1], can be modeled using the extended Nernst-Planck 

equations, considering advection flux, diffusion flux and electro-migration flux: 

ὐ ὺὧ Ὀ
Äὧ

Äὼ
ᾀὧὈ

Ὂ

ὙὝ

Ä•

Äὼ
     Ὥ ρȟςȟȣὔ (5.1) 

where ὺ  [m s-1] is the apparent water velocity across the membrane, Ὀ  [m2 s-1] is the ion 

diffusion coefficient inside the membrane, ὧ  [mol m-3] is the i th ion concentration per volume of 

solution inside the IEM, ὼ is the coordinate perpendicular to the membrane surface, ᾀ is the ion 

charge valence, • [V] is the electrical potential, Ὂ [96487 C mol-1], Ὑ [8.314 J mol-1 K-1] and Ὕ 

[K] are Faraday constant, ideal gas constant and absolute temperature, respectively. ὔ is number 

of ion species. Ion-ion selectivity of a membrane process, ὛȾ, is defined as the ratio of feed 

concentration-normalized ion fluxes between species Ὥ and Ὦ 36,125,133. When electro-migration 

dominates the ion transport over diffusion and advection as in an ED process, the first two terms 

in Eq. (5.1) for ion flux can be ignored and the ion-ion selectivity can be approximated as the 

product of ion partition selectivity, ὛȾ, and mobility selectivity, ὛȾ 36,125: 

ὛȾ
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ὛȾὛȾ (5.2) 

where ὧ is the ion concentration of the (feed) solution phase concentration of Ὥ, ὑ ὧȾὧ is the 

partition coefficient of ion Ὥ (same definitions apply for ion Ὦ). We note that the ion concentration 

ratio at the feed solution-membrane interface is used to evaluate ὑ, as the main target is to 

selectively separate the ion of interest from the feed solution 36. Partition selectivity, ὛȾ, is defined 

as the ratio of partition coefficients. i.e., ὑȾὑ. Mobility selectivity, ὛȾ, is defined as the ratio of 

ion mobility, όȾό  inside the IEM, where ό ᾀὈ ὊȾὙὝ and ό ᾀὈ ὊȾὙὝ. 

 

5.2.2 Ion partition selectivity 

5.2.2.1 Ideal Donnan model 

At ion sorption equilibrium, the electrochemical potential of ion Ὥ inside the IEM equals that in the 

external solution 33: 
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‘Ӷȟ ὙὝÌÎ‎ὧ ᾀὊ• ‘Ӷȟ ὙὝÌÎ‎ὧ ᾀὊ•   (5.3) 

where ‘Ӷȟ [J mol-1] is the standard state chemical potential, ‎  and ‎ are activity coefficients of 

ion Ὥ in the membrane phase (i.e., inside the IEM) and  the solution phase (i.e., outside the IEM), 

•  [V] and •  [V] are electrical potentials of the membrane phase and the solution phase. When 

assuming ideal solution behavior of ions for both phases (i.e., ‎ ‎ ρ), Eq. (5.3) simplifies 

to: 

ὧ ὧÅØÐ Ў•   (5.4) 

where Ў• • •  is the Donnan potential across the solution-membrane interface and is same 

for every ion. Ion concentrations inside the IEM and the Donnan potential can be then solved using 

the local electro-neutrality condition: 

ᾀὧ ὧ π (5.5) 

where ὧ [mol m-3] is the fixed charge density of the IEM per volume of absorbed solution (i.e., 

positive for AEMs and negative for CEMs) and is typically treated as spatially homogeneous. 

Thus, ion partition selectivity of the IEM with mixed salts can be expressed as: 

ὛȾ ḳ
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ὧȾὧ
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ᾀ ᾀὊ

ὙὝ
Ў•  (5.6) 

Eq. (5.6) means the ideal Donnan model predicts ion partition selectivity as a function of ion 

valence difference and the Donnan potential which depends on the membrane charge density and 

the external solution composition. Eq. (5.6) suggests that ὛȾ always equals one when ions Ὥ and 

Ὦ have the same valence, i.e., no selectivity is possible for ions with the same valence within the 

Donnan model framework. 

5.2.2.2 Donnan-Affinity model 

The Donnan-Affinity (D -A) model assumes that there is a difference between the chemical 

potential of the standard state of ions in the external solution (‘Ӷȟ) and that inside the IEM (‘Ӷȟ) 

121,129: 

‘Ӷȟ ὙὝÌÎὧ ᾀὊ• ‘Ӷȟ ὙὝÌÎὧ ᾀὊ•   (5.7) 
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This difference is quantified by ‘ ‘Ӷȟ ‘Ӷȟ, where ‘  [J mol-1] is the affinity (or excess 

chemical potential) of ion Ὥ due to all possible chemical and physical effects beyond the Donnan 

effect considered in the ideal Donnan model 121,129. With this relatively flexible fitting parameter 

that broadly accounts for multiple effects, including solution non-ideality, the activity coefficients 

of ions are arbitrated to be unity to maintain model simplicity (one way to interpret this treatment 

is that the nonideal solution effects have been incorporated into ‘ ). With these assumptions, the 

ion partition is given as: 

ὧ ὧÅØÐ
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Ў•
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 (5.8) 

The partition selectivity of the IEM with mixed salts can be then expressed as: 

ὛȾ ÅØÐ
ᾀ ᾀὊ

ὙὝ
Ў•

Ў‘Ⱦ
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 (5.9) 

where Ў‘Ⱦ ‘ ‘  is the affinity (toward the IEM) difference between ions Ὥ and Ὦ. A 

positive Ў‘Ⱦ  (i.e., ‘ ‘ ) means that ion species Ὥ is preferred over ion species Ὦ in 

partitioning into the IEM. We note that ion affinity is considered as an intrinsic property of the 

ion-IEM pair and is independent of concentration. Thus, ὛȾ is a constant when ions Ὥ and Ὦ have 

the same valence, as the first term in the exponent of Eq. (5.9) equals zero and Eq. (5.9) is reduced 

to ὛȾ ÅØÐЎ‘ȾȾὙὝ. When using the D-A model, ion affinity terms are usually fitted from 

experimental sorption data, and theoretical estimation is currently unavailable 121,129. 

5.2.2.3 Donnan-Manning model 

Releasing the simplifying assumption of ideal solution behavior and without introducing an ion 

affinity term as a fudge factor, Eq. (5.3) can be written as: 

‎ὧ ‎ὧÅØÐ Ў•   (5.10) 

where the ion activity coefficient for an ion in the solution phase, ‎, can be estimated using the 

Pitzer model 106,137. To estimate the ion activity coefficient inside the IEM, Manningôs counter-ion 

condensation theory has been applied for a single salt system (i.e., the salt contains only one anion 

species and one cation species) 130,131. Based on this theory, the IEM is modeled as a cross-linked 

network of linear polyelectrolyte chains with spatially even distribution of charges. When 

describing the local interaction between the fixed charges and ions, the Manning parameter (also 
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known as dimensionless linear charge density) is defined as ‚ ‗Ⱦὦ, where ‗ ὩȾ

τ“‐‐ὯὝ  is the Bjerrum length and ὦ is the distance between fixed charges 138,139. The 

ócounter-ion condensationô in the Manningôs theory refers to the phenomenon that part of counter-

ions inside the IEM tend to stay in the overlapping electric fields of two adjacent fixed charges 

and behave differently from the free counter-ions, if  ‚ exceeds a critical value, ‚ ρȾᾀ , 

where ᾀ is the counter-ion valence, In other words, counter ion condensation occurs when ὦ

ᾀ‗. The uncondensed ions are treated using Debye-Huckel approximation to account for point-

to-line electrostatic forces. 

Manningôs counter-ion condensation theory has been successfully applied to describe 

single salts partition to IEMs 126,130,140ï142. However, the model has yet to be extended to describe 

mixed salts partition. The expressions for ion activity coefficients estimation are only derived for 

single salts and cannot be directly applied to mixed salts 43,139. Herein, we extend the expressions 

for estimating ion activity coefficients inside IEMs based on Manningôs theory 139,143.  

When no counter-ion condensation occurs (i.e., ‚ ‚ ), ‎  of both counter-ions and co-

ions can be estimated by: 

ÌÎ‎
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 (5.11) 

Integrating Eq. (5.10) and (5.11), when no counter-ion condensation occurs, the partition 

selectivity can be then expressed as: 
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  (5.12) 

When counter-ion condensation occurs (i.e., ‚ ‚ ), co-ion and counter-ion activity coefficients 

are given as: 

ÌÎ‎
‚ȿὧȿᾀ

ς‚ВᾀὧὪȟ
 (5.13) 

ÌÎ‎ȟ ÌÎὪȟ
‚ȿὧȿᾀ

ς‚В ᾀὧὪȟ
 (5.14) 

where Ὢȟ is the fraction of counter-ion Ὥ inside the IEM that is in the uncondensed state. Consider 

a ternary case (i.e., two counter-ions and one co-ion for an IEM) and assume the partial 
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condensation of both counter-ions 143, the uncondensed fraction of each counter-ion can be 

estimated by solving Eqs. (5.15-5.16) simultaneously: 

ȿᾀȿὧ ρ Ὢȟ ᾀὧ ρ Ὢȟ ȿὧȿρ   (5.15) 

ᾀ

ȿᾀȿ

ρ ὪȟȾὪȟ

ρ ὪȟȾὪȟ
ÅØÐ

Ў‘Ⱦ

ὙὝ
 (5.16) 

where Eq. (5.15) describes that condensed counter-ions screen a sufficient number of the fixed 

charges, Eq. (5.16) describes the counter-ion condensation equilibrium, and Ў‘Ⱦ  [J mol-1] is the 

condensation energy difference between the two counter-ions 143. Different from Manningôs 

original assumption that the multi-valent counter-ions would condense prior to monovalent ions, 

we here assume all counter-ions partially condense simultaneously. Moreover, to keep simplicity 

and reduce fitting parameters, we do not separately specify any finite volume effect of the 

condensed counter-ions as Manning did, but consider it has been accounted for in Ў‘Ⱦ . Thus, 

the partition selectivity when counter-ion condensation occurs can be then expressed as: 
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We note that Eqs. (5.11, and 5.13ï5.15) reduce to single salts scenario where the system contains 

only one counter-ion, i.e., when we have binary instead of ternary system (see Appendix D for 

derivation). The key step of generalization is to calculate the Debye screening parameter of the 

mixed electrolytes. 

 

5.2.3 Mobility selectivity 

Ion mobility inside IEMs is slower than that in the bulk solution due to both spatial and electrostatic 

effects 43,136. The spatial effect considers the tortuosity of free volumes inside the IEM and is 

usually modeled by the Mackie-Mears model 144. The electrostatic effect of fixed charges on the 

mobile ions has also been modeled by Manningôs counter-ion condensation theory, but only for 

single salts 135,138. Here, we generalize Manningôs equations 138 for ion diffusivity impediment with 

mixed salts: 
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Ὀ
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ρ
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σ
ὃ  (5.18) 

where ‰  is water volume fraction and the term  accounts for the tortuosity effect. The 

parameter ὃ is a function of ‚ and ȿὧȿ and accounts for the electrostatic effect. When no counter-

ion condensation occurs (i.e., ‚ ‚ ), 

ὃ
ȿὧȿ

“‚ ȿὧȿά ά В ᾀὧ
 (5.19) 

and when counter-ion condensation occurs (i.e., ‚ ‚ ),    

ὃ
‚ȿὧȿ

“ȿὧȿά ά ‚В ᾀὧὪȟ
 (5.20) 

where ά  and ά  are two non-zero summation indices (i.e., άȟά πȟπ ) that come from 

the lattice assumption in Manningôs theory 138. We note that Eqs. (5.18-5.20) can reduce to single 

salts scenario where the system contains only one counter-ion (see Appendix D for derivation). 

Thus, counter-ion mobility selectivity inside the IEM can be then expressed as: 
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 (5.21) 

Eq. (5.21) shows that the tortuosity effect cancels out in the mobility selectivity as both counter-

ions experience the effect to the same extent. 

 

5.2.4 Model evaluation 

In a recent work, Chen et al. 126 experimentally measured the equilibrium partition of KCl/NaCl 

and CaCl2/NaCl into a CEM (CSE, Astom Co., Japan), and the partition of NaNO3/NaCl and 

Na2SO4/NaCl into an AEM (ASE, Astom Co., Japan) as a function of external total salt 

concentration. In those batch adsorption experiments, the concentrations of counter-ions and co-

ions inside IEMs were measured. Here, we compare the three models, i.e., the standard Donnan 

model, the Donnan-affinity (D-A) model, and the Donnan-Manning (D-M) model, in their ability 
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to fit the membrane-phase ion concentrations. The model inputs, outputs and fitting parameters are 

summarized in Table 5.1 and the fitted parameters are summarized in Table D2 and Table D3. In 

the D-M model, we use the ‚ value (for each IEM) fitted by Chen et al. 126 from single salt partition 

experiments, as ‚ has been validated to be an intrinsic property of IEMs. We note that because the 

co-ion concentration is roughly an order of magnitude lower than the counter-ion concentration, 

we used weighted fitting (with a weight of 10 for co-ion concentration residuals) to avoid strong 

bias toward the influence of counter-ions. 

 

Table 5.1 Comparison of partition models with mixed salts 

 
Ideal Donnan 

model 
D-A model D-M model 

Inputs ὧ, ὧ ὧ, ὧ ὧ, ὧ, ‎, ‚ 

Outputs  ὧ , Ў• ὧ , Ў• ὧ , Ў•, ‎ , Ὢȟ 

Fitting parameters None  ‘  (Eq. (5.8)) Ў‘Ⱦ  (Eq. (5.16)) 

Model structure  Simple  Simple  Relatively complex  

 

We further compare the three models using additional experimental results in literature, 

including the partition of NaNO3/NaCl and Na2SO4/NaCl into AEMs measured in batch adsorption 

experiments as a function of external salt concentration ratio as reported by Zou et al. 127, and the 

batch partition of K2SO4/Na2SO4 and MgSO4/Na2SO4 into CEMs measured in batch adsorption 

experiments as reported by Luo et al. 128. The membrane properties and the ‚ for each IEM (as 

reported by the authors) in these studies are summarized in Table D1. We note that the D-M model 

and the D-A model were applied to only fit counter-ion concentrations inside IEMs from these two 

studies, as both studies did not measure co-ion partition. Finally, the generalized Manningôs 

mobility model is applied to predict the mobility selectivity of different ion pairs and compared 

with experimental results reported in the studies by Zou et al. 127 and by Luo et al. 128. The 

experimental mobility selectivity was estimated using Eq. (5.2) with overall ion-ion selectivity 

measured from ED experiments and partition selectivity from sorption experiments.  
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5.3 Results and Discussion 

 

5.3.1 Partition as a function of external total salt concentration 

Counter-ion partition and selectivity Experimental equilibrium partition results of K+/Na+ and 

Ca2+/Na+ into CSE and NO3
-/Cl- and SO4

2-/Cl- into ASE as a function of external total salt 

concentration were fitted with the D-M model, the D-A model and the ideal Donann model (Figure 

5.1). The ideal Donnan model cannot differentiate counter-ions with the same valence as valence 

is the only ion specific property used in the model and thus it predicts same concentrations inside 

IEMs for a pair of monovalent counter-ions (Figure 5.1 A and C). In contrast, the D-M model 

and the D-A model can capture the competitive partition of counter-ions with the same valence via 

the difference in counter-ion condensation energy and ion-membrane affinity (Eqs. (5.9 and 5.17)), 

respectively. In the case of Ca2+/Na+ into a CEM, the ideal Donnan model predicts the partition 

well, meaning the Donnan effect may dominate the partition. The D-M model shows good 

agreement, but the D-A model overestimates Na+ partition and underestimates Ca2+ partition 

(Figure 5.1B). The deviation of the D-A model may be because we fitted K+/Na+ and Ca2+/Na+ 

partition simultaneously and assumed the mutual counter-ion Na+ and the mutual co-ion Cl- having 

the same affinity in both cases. In other words, we assumed ion-membrane affinity to be an 

intrinsic property for a given pair of ion and membrane but independent of the co-existence of 

other ions.  

Both the D-M and D-A models partially capture the partition difference of NO3
-/Cl- but fail 

to fit the increasing NO3
- uptake when external salt concentration increases, especially at lower 

concentration range (Figure 5.1C). The deviation indicates that both models may miss 

consideration of a concentration-dependent effect, e.g., concentration-dependent affinity or 

condensation energy. Finite ion volume may also induce a concentration dependence as ions are 

modeled as point charges in both the D-M and D-A models, though NO3
- and Cl- have similar 

hydrated radius and NO3
- has a larger bare radius (Table D4). Another concentration effect may 

come from IEMôs swelling 126. Water volume fraction and membrane charge density (per volume 

of absorbed solution) vary with swelling degree, but the effect has not been accounted for in either 

model. In the case of SO4
2-/Cl-, the AEM preferably sorbed Cl- over SO4

2-. Both the D-M and D-

A models fit well while the ideal Donnan model predicts the opposite selectivity (Figure 5.1D). 
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The ideal Donnan model always predicts a stronger partition of counter-ions with a higher valence 

over ions with a lower valence (Eq. (5.6)). The weaker partition of SO4
2- is explained by a higher 

condensation energy in the D-M model and a lower affinity in the D-A model, respectively (Table 

D2 and D3). 

 

Figure 5.1 Partition of counter-ions into IEMs. (A) Na+ and K+ and (B) Na+ and Ca2+ concentrations 

inside the CSE (a type of CEM) as a function of external total salt concentration. External solution contains 

1:1 molar ratio of NaCl/KCl or NaCl/MgCl2. (C) Cl- and NO3
- and (D) Cl- and SO4

2- concentrations inside 

the ASE (a type of AEM) as a function of external total salt concentration. External solution contains 1:1 

molar ratio of NaCl/NaNO3 or NaCl/Na2SO4. Symbols represent counter-ion concentrations in IEMs 

measured by batch adsorption experiments from the study of Chen et al.126. Curves represent model fitting 

results from this study, including the Donnan model (curves D), Donnan Affinity model (curves D-A), and 

Donnan-Manning model (curves D-M). 
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The ideal Donnan model predicts no selectivity for the partition of monovalent ion pairs 

and the D-A model predicts a constant selectivity independent of ion concentration due to the 

assumption of constant affinity values. The D-M model predicts a slight decrease of monovalent 

ion partition selectivity for both cations (K+/Na+, Figure 5.2A) and anions (NO3
-/Cl-, Figure 5.2B) 

as external salt concentration increases. Both the D-A and D-M models fit K+/Na+ selectivity 

reasonably well, but neither captures the slight increase in NO3
-/Cl- selectivity measured at a high 

external concentration (Figure 5.2B).  

 

 

Figure 5.2 Ion-ion selectivity for counter-ion partition to IEMs. (A) K+/Na+ and Ca2+/Na+ partition 

selectivity of CSE. (B) NO3-/Cl- and SO4
2-/Cl- partition selectivity of ASE. External solution salt molar ratio 

is 1:1. Symbols represent ion partition selectivity of IEMs evaluated by batch adsorption experiments from 

the study of Chen et al.126. Lines represent model fitting results from this study. 

 

Compared to the selectivity of monovalent counter-ion pairs which varies within one order 

of magnitude, divalent/monovalent ion selectivity decreases much more dramatically with 

increasing salt concentration for both cations (Figure 5.2A) and anions (Figure 5.2B), likely due 

to the charge screening effect. Such a dependence of selectivity on salt concentration is captured 

by all three models (Figure 5.2A). However, the ideal Donnan model fails to predict the preferable 

uptake of Cl- over SO4
2- (Figure 5.2B). The SO4

2-/ Cl- selectivity is lower than unity likely due to 

the lack of consideration of ion-membrane interaction. The D-A model underestimates Ca2+/Na+ 
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selectivity by about half (Figure 5.2A) because of the overestimation of Na+ partition (Figure 

5.1B). Only the D-M model fits divalent/monovalent ion selectivity well in both CEM (Figure 

5.2A) and AEM (Figure 5.2B).  

Co-ion partition and selectivity Co-ion partition has received less attention as compared to 

counter-ion partition when evaluating ion-ion selectivity. Most studies reported in literature 

measured only the partition of counter-ions in the static sorption experiments 127,128,145,146. Only a 

few reported both counter-ion and co-ion partitions 126,130,131. Although co-ion concentration inside 

IEMs may be negligible as compared to the counter-ion concentration (which approaches 

membrane charge density if there is only one species of counter-ion) when the external solution is 

dilute, co-ion partition increases with increasing external salinity and becomes non-negligible 

when external concentration exceeds 0.1 M (Figure 5.3). Moreover, co-ion transport across IEMs 

is important as it reflects the non-ideality of IEMs and affects the current efficiency of ED 

processes, especially when back salt diffusion flux becomes non-negligible with a large salinity 

difference between the diluate and brine streams 33. Thus, a partition model that can predict co-ion 

partition accurately is also essential to modeling an ED process.  

From fitting results of co-ion (i.e., Cl- or Na+) partition into CSE and ASE with mixed salt 

solutions, the D-M model fits co-ion partition the best in all cases (Figure 5.3). Both the ideal 

Donnan model and the D-A model tend to underestimate the co-ion partition, with deviations 

within an order of magnitude. A better fitting of co-ion partition suggests that the D-M model 

likely better captures the physics of ion partition. 
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Figure 5.3 Partition of co-ions into IEMs. Cl- concentration inside the CSE as a function of external total 

salt concentration when the external solution is a mixture of (A) NaCl/KCl and (B) NaCl/MgCl2. Na+ 

concentration inside the ASE as a function of external total salt concentration when the external solution is 

a mixture of (C) NaCl/NaNO3 and (D) NaCl/Na2SO4. External solution salt molar ratio is 1:1. Symbols 

represent counter-ion concentrations in IEMs measured by batch adsorption experiments from the study of 

Chen et al.126.  Lines represent model fitting results from this study. 

 

5.3.2 Ion partition as a function of external salt concentration ratio 

To further compare their fitting capability and limitations, we evaluate the D-M model, the D-A 

model and the ideal Donann model in fitting experimental results of equilibrium partition of 

K+/Na+ and Mg2+/Na+ into two additional CEMs (CMX and SPEEK) and NO3
-/Cl- and SO4

2-/Cl- 

into two additional AEMs (ACS and FAA) (Figure D1 and D2). For the partition of Mg2+/Na+, 

the ideal Donnan model overestimates the Mg2+ uptake and thus predicts a high selectivity towards 

Mg2+ (Figure 5.4A and B), contrasting its good prediction of Ca2+/Na+ partition in CSE (Figure 
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5.2A). As Mg2+ and Ca2+ have similar properties (e.g., radius and hydration energy, Table D4), 

the deviation of the ideal Donnan model for the Mg2+/Na+ case is likely caused by the difference 

of membrane properties (e.g., CSE has a higher ion exchange capacity and water uptake than CMX 

and SPEEK, Table D1). But we also note that the co-ion species is different in the two cases (i.e., 

SO4
2- for Mg2+/Na+ and Cl- for Ca2+/Na+), which may possibly affect the partition of counter-ions 

too.  

 

 

Figure 5.4 Ion-ion partition selectivity of IEMs. K+/Na+ and Mg2+/Na+ partition selectivity of (A) CMX 

and (B) SPEEK. NO3-/Cl- and SO4
2-/Cl- partition selectivity of (C) ACS and (D) FAA. External co-ion 

concentration is 0.5 M. Symbols represent counter-ion concentrations in IEMs measured by batch 

adsorption experiments from the study of Zou et al.127 and Luo et al.128. Lines represent model fitting 

results from this study.  
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The D-M and D-A models fit Mg2+/Na+ partition in CMX and SPEEK reasonably well 

(Figure D1) because both models have extra membrane-dependent property information in 

additional to membrane charge density (as in the ideal Donnan model). Such information includes 

the Manning parameter and ion condensation energy in the D-M model, and the ion affinity in the 

D-A model (Table D2 and D3). We notice that the D-M model predicts a slight increase of 

Mg2+/Na+ selectivity in CMX as external Mg2+ fraction increases (Figure 5.4A), which is opposite 

to the experimentally measured decrease of  Mg2+/Na+ selectivity from ~2 to ~1. However, the D-

M model fits the decreasing trend well in SPEEK (Figure 5.4B).  

For the partition of SO4
2-/Cl-, the D-M model fits the selectivity better than the D-A model 

(Figure 5.4C and D), especially at low external SO4
2- fraction range, although both models fit ion 

concentrations inside the IEMs reasonably well (Figure D2). For the monovalent ion pairs, the 

ideal Donnan model predicts no selectivity and the D-A model can only fit a constant value as 

discussed before. The D-M model partially captures the decreasing trend of NO3
-/Cl- selectivity 

when NO3
- fraction in the external solution increases (Figure 5.4C and D).  

 

5.3.3 Impact of membrane properties on partition selectivity 

In this section, we apply the generalized the D-M model to investigate the impact of IEMôs 

properties on the partition selectivity of practically relevant ion pairs, e.g., Li+ extraction from 

brine lakes where other cations exist in abundance. The major challenge of Li+ extraction is that 

all cations have similar radius and properties (Table D4) and Li+ usually has a much lower 

concentration 19. One major purpose of membrane-based Li+ separation is to remove Mg2+ because 

MgCO3 would otherwise co-exist in the Li2CO3 precipitate formed in a later stage. Removal of 

other monovalent cations, like Na+ and K+, is not as important (as they will not co-precipitate with 

Li 2CO3) but the presence of  these monovalent co-ions may affect the current efficiency of an ED 

process applied for selective Li+ separation 122,124.  

By increasing the charge density of the CEM, Li+/Mg2+ selectivity decreases while Li+/Na+ 

selectivity remains unchanged (Figure 5.5A). Increasing charge density would have a similar 

effect as reducing external salt concentration (Figure 5.2) that enhances the Donnan effect and 

promotes the uptake of counter-ions with a higher valence. Thus, a CEM with lower charge density 

benefits the counter-ion partition selectivity toward Li+ though the effect is weak, although a lower 



82 

 

charge density may reduce counter-ion/co-ion selectivity and thereby compromise charge 

efficiency.  

 

 

Figure 5.5 Li +/Mg2+ and Li+/Na+ partition selectivity in a hypothetical CEM. (A) as a function of 

membrane charge density, (B) Manning parameter and (C) ion condensation energy difference under two 

concentration ratios. Charge density, Manning parameter and condensation energy difference were set as 

7.5 M, 3, and -2, respectively, for the base case. External salt solution was assumed to be 50 mM LiCl and 

50 mM (and 250 mM) MgCl2 for the 1:1 (and 1:5) case. 

 

By increasing Manning parameter of the CEM, Li+/Mg2+ selectivity increases while 

Li+/Na+ selectivity decreases (Figure 5.5B). Manning parameter is a function of permittivity and 

distance between fixed charges and may be tuned by polymer hydrophobicity and the distribution 

of functional groups in the membrane matrix 43. Assuming Manning parameter increases by 

reducing the permittivity within the polymer matrix, then counter-ions with lower hydration energy 

(Table D4) may preferably sorb to the membrane as they are easier to partially dehydrate. The 

permittivity related hydration effect has also been modeled by a hydration energy barrier via the 

Born model in previous studies of IEM and nanofiltration membrane 73,145ï147, but the Born model 

tends to overestimate the energy barrier. 

The variation of either charge density or Manning parameter has limited impact on 

increasing CEM selectivity towards Li+ (Figure 5.5A and B). The most effective way is to increase 

ion condensation energy difference between Li+ and other competitive cations, or in other words, 

increase membraneôs affinity towards Li+ (Figure 5.5C). Numerous studies have explored the use 

of coordination chemistry to enhance a CEMôs selectivity towards a specific ion 35,148. These 
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approaches are in principle consistent with increasing membraneôs affinity towards a specific ion 

of interest. Lastly, Li+ partition selectivity is higher with a lower Li+ concentration fraction in the 

external solution, which is consistent with previously discussed experimental trends for Mg2+/Na+ 

and K+/Na+ partition (Figure 5.4). 

 We note that the theoretical analysis in this section assumes a homogenous CEM. A 

heterogeneous CEM with a surface coating layer of positive charge groups or multilayers of 

polyelectrolytes has been actively explored in literature to enhance the mono-valent/di-valent 

cation selectivity in the ED process 103,111,149,150. The effect of surface coating layer with opposite 

charges cannot be modeled directly following Eq. (5.2), but may require solving the Nernst-Planck 

equation for ion transport in both the coating layer and the substrate CEM 151,152. We note that the 

experimental characterization of the coating layer to extract its properties for modeling the 

composite membrane may be challenging, as most existing experiments can only be performed to 

the composite membrane as a whole and the thin coating layer has a relatively small ion adsorption 

capacity as compared to the much thinker substrate CEM. 

 

5.3.4 Mobility selectivity 

Counter-ion mobility selectivity can be determined using Eq. (5.2) with experimentally measured 

overall ion-ion selectivity in the ED process and partition selectivity measured using sorption 

experiments. We compare experimental results from Luoôs and Zouôs studies 127,128 with 

predictions of the generalized Manningôs model for mixed salts (Eq. (5.21)). However, the mixed 

salt transport model based on the original Manning theory could not match experimental mobility 

selectivity well (Figure 5.6). One possible reason is the unclear impact of counter-ion 

condensation on mobility. In the original Manningôs counter-ion condensation theory, condensed 

ions were assumed to be immobile 138. However, Kamcev et al. measured counter-ion mobility 

inside IEMs with single salts and found that condensed ions may migrate twice as fast as the 

uncondensed ions under the electric field for Na+ and Cl- in CEMs and AEMs, respectively 135. 

Thus, the counter-ion diffusivity inside IEMs was suggested to be modeled as a weighted average 

of uncondensed and condensed parts: 

Ὀ ὪȟὈȟ ρ ὪȟὈȟ (5.22) 
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where Ὀȟ [m
2 s-1] is the diffusivity of uncondensed counter-ion and is modeled by Eq. (5.18), Ὀȟ 

[m2 s-1] is the diffusivity of condensed counter-ion. If we assume Ὀȟ ‌Ὀȟ and counter-ion 

mobility selectivity inside the IEM can be then expressed as: 

ὛȾ
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ᾀ
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ᾀ
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 (5.21) 

 

 

Figure 5.6 Ion mobility selectivity of IEMs. Experimental and model predicted (A) K+/Na+ and Mg2+/Na+ 

mobility selectivity of CMX and SPEEK. (B) NO3-/Cl- and SO4
2-/Cl- mobility selectivity of FAA and ACS. 

Dash lines indicate mobility selectivity in the external bulk salt solutions. Experimental mobility selectivity 

was calculated from ED experiments and batch adsorption experiments in the study of Zou et al.127 and 

Luo et al.128. 

 

After accounting for the mobility of condensed counter-ions (i.e., assume ‌ ς according 

to Kamcevôs previous finding 135), the predicted mobility selectivity is much closer to the 

experimental results than that predicted with the assumption of immobile condensed ions for both 

CEM (CMX and SPEEK) and for one AEM (FAA) (Figure 5.6). For the ACS membrane (an 

AEM), however, the Manning theory underestimates the mobility selectivity of NO3
-/Cl- and 

overestimate the mobility selectivity of SO4
2-/Cl- regardless of the assumption for condensed ion 

mobility (Figure 5.6). The deviations may arise from imperfection of the current theory or stem 
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from the inaccuracy of the indirect determination of experimental mobility selectivity via Eq. (5.2) 

which assumes (a) electro-migration flux dominates counter-ion flux and (b) ion partition in the 

ED process is the same as that in the static sorption experiments. A more reliable experimental 

method for the direct measurement of ion diffusivity inside IEMs with mixed salts is needed to 

further validate the generalized Manningôs model for mixed salts. Moreover, it is worth to 

investigate whether ion partition is the same in the ED process and static sorption experiments, 

which can be more complex when the IEM is heterogeneous with a surface coating layer. 

 

5.4 Conclusions 

 

We have extended the Manningôs counter-ion condensation model for describing ion 

partition and ion mobility inside IEMs to mixed salts scenarios. The extended Donnan-Manning 

model was evaluated against experimental data from literature and compared with other two 

existing models, namely the ideal Donnan model, and the Donnan-Affinity model. In general, the 

Donnan-Manning model and the Donnan-Affi nity model can provide reasonably accurate 

prediction of ion partition into IEMs in multiple scenarios, whereas the ideal Donnan model falls 

short in predicting any selectivity for ions with the same valence. We showed that the Donnan-

Manning model can fit both counter-ion and co-ion partition well and outperform the Donnan-

Affinity model in these regards. However, neither the Donnan-Manning model nor the Donnan-

Affinity model can sufficiently capture the concentration dependences for counter-ion partition 

selectivity observed in all experiments. The generalized Manningôs counter ion condensation 

theory has also been applied to predict counter-ion mobility selectivity. Applying the theory to 

experimental results suggests that the assumption of higher mobility of condensed ions than that 

of uncondensed ions seems to work better than the alternate assumption that condensed ions are 

immobile. 

 

Abbreviations 

(by first 

appearance) 

Description 

ED Electrodialysis 

IEMs Ion exchange membranes 
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CEMs Cation exchange membranes 

AEMs Anion exchange membranes 

D-A Donnan-Affinity  

D-M Donnan-Manning 

  

Symbols Description 

ὐ Flux  

ὺ Velocity  

ὧ Concentration  

ὼ Coordinate perpendicular to the membrane surface 

ᾀ Ion valence 

Ὀ Diffusion coefficient 

Ὂ Faraday constant 

Ὑ Ideal gas constant 

Ὕ Absolute temperature  

• Electrical potential 

Ὓ Selectivity  

ὑ Partition coefficient 

ό Mobility  

‘ Chemical potential  

‎ Activity coefficient  

Ў‘Ⱦ Condensation energy difference between ions 

‚ Manning parameter 

‗ Bjerrum length 

Ὡ Elementary charge  

‐ Dielectric constant of vacuum 

‐ Relative dielectric constant 

Ὧ Boltzmann constant  

ὦ Distance between fixed charges 

Ὢ Fraction  

‰ Volume fraction  

‌ Ratio of diffusivity between condensed and uncondensed counter-ions 

  

Subscripts 

and 

superscripts 

 

w Water  

m Membrane 



87 

 

s solution 

x Membrane charge density 

ex Excess  

g Counter-ion 

c Co-ion  

cr Critical  

u Uncondensed  
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CHAPTER 6: COMPARISON OF ELECTRODIALYSIS AND NANOFILTRATION FOR 

LITHIUM MAGNESIUM SEPARATION WITH A UNIFIED MASS TRANSPORT MODEL 

 

6.1 Introduction 

 

Lithium (Li) has become a critical and valuable resource due to its growing demand in the 

production of batteries for electric vehicles, mobile devices, and renewable energy storage systems 

in recent years. One of the primary sources of Li is brine lakes. However, brine lake composition, 

where the magnesium (Mg) to Li mass ratio (MLR) can be as high as 365:1, presents a significant 

obstacle in the production of high-purity Li products.15,19 Therefore, the development of efficient 

and cost-effective technologies for the selective extraction of Li from brine lakes is of paramount 

importance. Membrane-based processes such as electrodialysis (ED) and nanofiltration (NF) have 

emerged as promising alternatives to conventional methods, such as solvent extraction and lime-

soda precipitation, which are often inefficient and environmentally hazardous.16,17 Membrane-

based processes can achieve good selectivity when handling brines with high MLR, while 

minimizing the generation of waste streams and reducing the overall chemical and energy 

consumption of the process.18,153 Additionally, the high modularity of ED and NF makes them 

attractive for Li extraction projects of any scale. Thus, extensive research efforts have been devoted 

to advancing the core components of ED and NF, i.e., cation exchange membranes (CEMs) and 

NF membranes, toward a target of superior Li/Mg selectivity.31,35,98,103,111,154 

Ions transport across ion exchange membranes (IEMs) at different rates under the applied 

electric filed in the ED process and the ion-ion selective separation depends on the difference in 

ion-membrane affinity and ion mobility inside IEMs.36 Regular CEMs usually have little or no 

selectivity toward Li+ as the divalent counter-ions (Mg2+) are more preferably absorbed into the 

negatively charged membrane matrix, even though Li+ has a higher mobility than Mg2+. Thus, the 

development of monovalent selective CEMs (MSCEMs) facilitates ED as a feasible technology 

for the selective Li/Mg separation. MSCEMs typically have an asymmetric composite structure, 

where the substrate is a regular CEM and the thin surface modification layer can be a polymer 

layer with strong opposite charges (e.g., Polyethyleneimine, polyaniline, and quaternized chitosan), 

multiple layers of polyelectrolytes, or a dense layer with high crosslink degree, like polyamide 

film (Figure 6.1).36,46 The key purpose of the surface modification layer is to reduce the Mg2+ 
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uptake into the substrate CEM via like-charge electrostatic repulsion or spatial confinement as 

Mg2+ has a doubled valence and a larger hydrated radius than Li+. Commercial MSCEMs (e.g., 

Selemion CSO from AGC, Japan, and Neosepta CIMS from ASTOM, Japan) with a surface layer 

of abundant positive charges have been widely studied and validated with the feasibility for 

separating Li+ from Mg2+.18,122ï124,155ï157 More recently, MSCEMs with layer-by-layer (LbL) 

deposition of polyelectrolyte films or a polyamide surface layer have also been demonstrated with 

better monovalent/divalent selectivity than commercial MSCEMs.158ï160 

 

 

Figure 6.1 Schematics of composite MSCEMs and NF membranes used in ED and NF. Composite 

MSCEMs consist of a substrate layer of regular CEM and a surface layer of polyamide film (PA-CEM) or 

positively charged polymer film (PC-CEM). Composite NF membranes consist of a porous support 

membrane and a surface layer of polyamide film or multi-layers of polyelectrolytes deposited in an 

alternative pattern. Composite MSCEMs are used in ED while NF membranes can be used in both ED and 

NF processes for Li/Mg separation. 

 

Thin film composite polyamide membrane, the state-of-the-art NF membrane, is made of 

an ultra-thin polyamide film with sub-nanometer pores on top of a porous support membrane 

(Figure 6.1). NF membranes are weakly charged (or nearly neutral) as compared to the high fixed 

charge density of IEMs. Divalent ions are usually better rejected than monovalent ions by NF 
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membranes in the pressure driven filtration process mainly due to stronger steric, dielectric, 

dehydration, and Donnan effects at the interfacial partition and much hindered transport inside the 

membrane pores.73 For the specific application of Li/Mg separation, positively charged NF 

membranes, fabricated via coating positively charged polymers on the surface or introducing 

positively charged monomer to the interfacial polymerization step, have a higher Li/Mg selectivity 

than regular NF membranes as a result of the stronger Donnan exclusion to Mg2+.6,99,161ï164 LbL 

deposition of polyelectrolytes on a porous support is another versatile method to fabricate NF 

membranes (Figure 6.1), with which the active layer structure and charge property can be easily 

tuned by the number of layers and the choice of ending layer, etc. LbL NF membranes with 2.5 

layers of poly(styrene sulfonate) and poly(allylamine hydrochloride) have shown exceptional 

Li/Mg selectivity (>70) than most commercial and lab-customized polyamide NF 

membranes.103,111 Moreover, polyamide-based NF membranes have also been employed as 

replacements of MSCEMs in the ED process to enhance monovalent/divalent ion selectivity.165ï

168 

As composite MSCEMs and NF membranes have been demonstrated effective for Li/Mg 

separation in both ED and NF processes, a performance comparison is necessary to guide the future 

design of Li+ selective membranes and process innovation for Li extraction. However, a fair 

comparison between ED and NF can be challenging as different driving forces and membranes are 

used. Brine composition and operating conditions vary across literature studies even for the same 

technology. Moreover, performance metrics of Li/Mg separation is multi-dimensional beyond 

Li/Mg selectivity, which has usually been taken as the only criterion to compare membrane 

performance with coupon-scale experiments. Li recovery, Li flux, energy consumption and cost 

need to be considered from a process perspective. Nonetheless, MSCEMs and NF membranes may 

be equivalently regarded as two-layer porous composite membranes with different layer thickness, 

effective pore size, and membrane charge density. Additionally, ion transport phenomena in ED 

and NF are fundamental the same and can be described using a unified mass transport framework, 

e.g., the solution-friction model,38,129,169 which allows us to fairly compare the two Li/Mg 

separation processes via theoretical modeling approach and investigate the impact of membrane 

properties on the selective separation performance. 
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In this study, we adapt the solution-friction model to describe ion transport across 

composite MSCEMs and NF membranes in the ED and NF processes under a consistent 

framework. We first compare the Li/Mg separation performance of MSCEMs with a surface layer 

of strong opposite charges or a polyamide film in the ED process. We then evaluate the Li/Mg 

separation performance of polyamide-based NF membranes in the ED and NF processes. Impacts 

of the surface layer charge density of composite MSCEMs and NF membranes are investigated at 

the coupon-scale with detailed comparison of ion concentration profiles across the composite 

membranes and flux contribution from each transport mechanism. Finally, we extend the analysis 

to module-scale ED and NF to compare the universal operational tradeoff between Li/Mg 

selectivity and Li recovery. 

 

6.2 Materials and Methods 

 

6.2.1 Solution-friction model for ED and NF 

The solution-friction model describes ion transport across the membranes starting with the 

Maxwell-Stefan theory, in which a force balance establishes between the chemical potential 

gradient of an ion species and the frictions between the ion species and all other components (i.e., 

ion-water, ion-membrane, and ion-ion frictions).38,129,169 Ion flux, ὐ [mol m-2 s-1], after neglecting 

ion-ion frictions, can be equivalently described using the extended Nernst-Planck equation as 

proved by previous studies,38 which accounts for advection, diffusion and electromigration 

mechanisms with hindrance: 

ὐ ὑὺὧ ὑ‐Ὀ
Äὧ

Äὼ
ᾀὧ

Ὂ

ὙὝ

Ä•

Äὼ
 (6.1) 

where ὺ  [m s-1] is the water velocity across the membrane, Ὀ  [m2 s-1] is the ion diffusion 

coefficient in the infinitely diluted solution, ὧ  [mol m-3] is the ion concentration of species Ὥ per 

volume of solution inside the membrane, ὼ is the coordinate perpendicular to the membrane 

surface, ‐ is the effective porosity that accounts for porosity and tortuosity, ᾀ is the ion charge 

valence, • [V] is the electrical potential, Ὂ [96487 C mol-1], Ὑ [8.314 J mol-1 K-1] and Ὕ [K] are 

Faraday constant, ideal gas constant and absolute temperature, respectively. ὑ is the frictional or 

hindrance coefficient origins from the friction between ion and membrane.  
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 Ion partition at solution-membrane interfaces is assumed to be at local equilibrium. The 

partition coefficient, defined as the ratio of ion concentration at the interface inside the membrane 

(ὧ ) over that in the external solution (ὧ), can be expressed as a product of the Donnan exclusion 

term that origins from membrane fixed charges, and a non-Donnan term (‰
Ⱦ) that accounts for 

any other partition mechanism besides the Donnan effect: 

‰
Ⱦ
ÅØÐ Ў• Ⱦ   (6.2) 

where Ў• Ⱦ is the Donnan potential across the solution-membrane interface, and the solution 

phase can be either the feed or the permeate (or the receiving solution in ED). For two-layer 

composite membranes, an additional interface exists between the substrate and the surface layer. 

Similarly, partition equilibrium is assumed as 

‰
Ⱦ
ÅØÐ Ў• Ⱦ   (6.3) 

where ὧ  and ὧ  are interfacial ion concentrations in the surface layer and the substrate layer, 

respectively. Ў• Ⱦ  is the Donnan potential across the surface-substrate interface. ‰
Ⱦ  is 

the non-Donnan partition coefficient, and can be expressed as the ratio of ‰
Ⱦ and ‰

Ⱦ, i.e., 

‰
Ⱦ

‰
Ⱦ
Ⱦ‰

Ⱦ, imaging a hypothetical external bulk solution phase is in equilibrium 

with both layers.170 

 Local charge neutrality is maintained at every position in each layer of the composite 

membrane: 

Вᾀὧ ὢ π   (6.4) 

where ὢ [mol m-3] is the fixed charge density per volume of solution inside any layer. We note 

that ὢ is assumed to be a constant and spatial variation is not considered in this study for simplicity, 

though a Sine-function-like charge density profile may exist in LbL polyelectrolyte films and 

divalent cation adsorption has been suggested to vary membrane charge density and may even 

cause charge reversal.105,171 

 For the ED process under an applied electric field, the current density (Ὅ [A m-2]) is 

contributed by flux of all mobile species: 
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Ὅ ὊВᾀὐ   (6.5) 

While for the crossflow NF process, current density is zero, and the steady state condition gives: 

ὐ ὺὧ   (6.6) 

where ὧ is the permeate ion concentration. 

 The solution-friction model describes water flux across the membrane by balancing the 

total pressure gradient with frictions between water-membrane and water-ions: 

Äὖ

Äὼ
ὙὝὪ ὺ ὙὝ

ρ

‐Ὀ
ὐ ὺὧ  (6.7) 

where ὖ [Pa] is the total pressure, defined as hydraulic pressure minus osmotic pressure. Ὢ  

[mol s m-5] is the friction coefficient between water and membrane, and can be related to the more 

commonly known pure water permeability, ὃ  [m s-1 Pa-1], by Ὢ ὃὙὝὒȾ‐ , where ὒ is 

the membrane thickness. We note that Eq. (7) is equivalent to Hagen-Poiseuille equation if the 

second term on the right describing ion-water friction is neglected. 

The solution-friction model has been applied to fit experimental data of ED, NF and reverse 

osmosis with the non-Donnan partition coefficients and hindrance coefficients of ions used as 

fitting parameters.38,105,129,169 However, explicit expressions relating these coefficients to ion and 

membrane properties under reasonable physical assumptions are needed to theoretically 

investigate the impact of membrane properties and operating conditions on the Li/Mg separation.  

 

6.2.2 Non-Donnan partition coefficients 

The non-Donan partition terms in Eqs. (2-3) have been interpreted with different theory for 

NF membranes and IEMs. As NF membranes have pore sizes close to ion hydrated radius, the 

non-Donnan coefficients have been explained as a synergetic effect of steric and dielectric 

exclusions, and ion partial dehydration.11,172ï174 Steric exclusion accounts for the fact that ions 

have finite volume and the probability for ions smaller than the membrane pore size to enter the 

pore is lower than 100%.73 The successful entry probability depends on the ratio of ion radius over 

effective pore radius. Dielectric exclusion imposes a solvation energy barrier to ions which stems 

from the water dielectric constant reduction under nanoconfiment inside the sub-nanometer 

membrane pores, and thus is a function of membrane pore size. Ion partial dehydration has recently 
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been suggested to contribute a substantial energy penalty when in the hydrated ions shell off 

several water molecules during partition, but this effect has not been quantitatively described. 

IEMs have a much higher charge density and can also be regarded as a porous structure with larger 

effective pore radius (e.g., 1.0~3.0 nm) than NF membranes (0.5~1.0 nm).145,146,175,176 Therefore, 

the non-Donan partition coefficients are often interpreted as ion-membrane affinity in IEM theory, 

which accounts for any ion specific interaction with membrane functional groups beyond the 

Donnan effect.121,129 Manningôs counter-ion condensation theory is an alternative and more 

mechanistic interpretation.43,130,131 The non-Donnan term helps correct the overestimation of 

multivalent counter-ion uptake by the ideal Donnan model (i.e., only considers the Donnan 

equilibrium during ion partition). 

To compare NF membranes and IEMs under a unified framework, we herein estimate the 

non-Donnan partition coefficients with the steric and dielectric exclusions following the approach 

adopted in the Donnan steric pore model with dielectric exclusion (DSPM-DE):73 

‰ ρ
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ÅØÐ
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ρ

‐

ρ

‐ ὶ
 (6.8) 

where ὶ [m] is the Stokes radius of ion Ὥ, and ὶ [m] is the effective membrane pore radius. ‐ is 

dielectric constant of vacuum. ὔ  is Avogadro constant. ‐ and ‐ are the relative dielectric 

constants of water in the bulk (‐=78.4 for water at 25 ºC), and in the pore, respectively, and ‐ is 

a function of ὶ. ‰ decreases sharply with pore radius when the pore radius is smaller than 1.0 nm, 

especially for divalent ions (Figure E1). We note that Eq. (8) uses the Stokes radius and ion partial 

dehydration may have been accounted for to some extent as it may overlap with the steric and 

dielectric exclusions when involving ion size and solvation energy. Moreover, the dielectric 

exclusion can also avoid the overestimation of multivalent counter-ion partition into IEMs as 

predicted by the pure Donnan effect. 

 

6.2.3 Hindrance coefficients 

 Ion transport inside membranes is hindered due to the ion-membrane friction, and the 

hindrance coefficients are often fitted from experimental data. In the NF transport theory, like the 

DSPM-DE model, the ion-membrane friction is interpreted as physical collision of ions with the 
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membrane pore wall, and the hindrance coefficients are estimated using expressions derived from 

hydrodynamic theory (Eq. (9)), with the assumption of a single spherical solute transporting in a 

perfect cylindrical micropore,76,177 

ὑ

ρ
ω
ψ‗ÌÎ‗ ρȢυφπστ‗ πȢυςψρυυ‗ ρȢωυρυςρ‗

ςȢψρωπσ‗ πȢςχπχψψ‗ ρȢρπρρυ‗ πȢτσυωσσ‗

ρ ‗
 

(6.9) 

where ὑ  is the non-electrostatic hindrance coefficient, and ‗ is the ratio of ion Stokes radius 

and membrane pore radius. However, the validity of applying Eq. (9) to a sub-nanometer pore for 

charged ions remains questionable.178 In IEM theory, ion diffusivity reduction inside the 

membranes, especially for counter-ions, is also affected by a strong electrostatic effect besides the 

spatial effect (i.e., tortuosity and porosity). The electrostatic effect origins from the high charge 

density of IEMs, and has been described using Manningôs counter-ion condensation theory.43,44,135 

Fan and Yip have proposed a simple expression to correlate the electrostatic hindrance coefficients 

of counter-ions, ὑ , to ion valence:44 

ὑ ÅØÐᾀὃ  (6.10) 

where ὃ may be fitted from experimental results and has been related to membrane charge density, 

ὃ πȢππσȿὢȿȾ . Electrostatic hindrance to co-ion transport is neglected (i.e., ὑ ρ for co-ions). 

To reconcile the current NF and IEM theory, we estimate ὑ in Eq. (6.1) as a product of 

ὑ  and ὑ , i.e., ὑ ὑ ὑ . We note that the merge treatment makes sense because: (1) for 

weakly charged NF membranes, the non-electrostatic hindrance effect dominates ὑ  as ὑ  

approaches unity (Figure E2 and E3); (2) for IEMs with a pore radius of 1~3 nm and high charge 

density, electrostatic hindrance is much significant, especially for divalent ions (Figure E2 and 

E3).  

 

6.2.4 Membrane properties 

 The adapted solution-friction model is applied to each layer of the composite NF 

membranes and MSCEMs. Each layer of the membrane is characterized by effective pore radius, 

charge density, and effective thickness (Table 6.1). For the polyamide layer, the selected property 

values are within the fitting results of different NF membranes using the DSPM-DE model 
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reported in a recent study.179 Water permeability of the modeled PA layer is 5.3 L m-2 h-1 bar-1. 

The CEM layer is modeled as a thick porous structure with a pore radius of 1.5 nm and strong 

negative charge density. Water permeability of the modeled CEM layer is 0.15 L m-2 h-1 bar-1. A 

much larger pore radius is assumed for the surface layer with strong positive charges and the 

porous support layer to neglect any non-Donnan partition effect and non-electrostatic hindrance 

effect. The porous support is considered to account for the internal concentration polarization 

effect. 

Table 6.1 Membrane properties used to model ED and NF performance. 

Properties 
Effective pore radius, 

ὶ (nm) 

Charge density, ὢ 

(mM) 

Effective thickness, 

‏  Ⱦ‐ (ɛm)‏

Polyamide layer 0.5 -50 ~ 0.5 2.5 (=0.15/0.06) 

Positively charged 

layer 
150 1000 ~ 5000 2.5 

CEM layer 1.5 -5000 750 (=150/0.2) 

Porous support layer 150 0 0 ~ 1500 

 

6.2.5 Modeling NF and ED from coupon-scale to module-scale  

 Li/Mg separation using ED and NF were modeled from coupon-scale to module-scale. We 

assumed that the feed solution consists of 30 mM LiCl (0.21 g L-1 Li+), 175 mM MgCl2 (4.2 g L-1 

Mg2+), and 175 mM NaCl (4.0 g L-1 Na+), representing a brine with a MLR of 20 and a high total 

salinity. We note that experimental works in the literature usually evaluate the performance of 

newly designed membranes with a diluted simple LiCl/MgCl2 mixture feed, which is less practical 

as other monovalent cations (e.g., Na+ and K+) co-exist in abundance in the real brines and compete 

with Li+ when transporting across membranes. The ED process also requires a receiving stream, 

which we assumed to contain 468 mM NaCl to balance the osmotic pressure difference and reduce 

channel electrical resistance. 

 For coupon-scale performance analysis, the solution-friction model (Eqs. (1-7)) was solved 

to determine transmembrane ion flux as a function of pressure (10~30 bar) or current density 
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(0~300 A m-2) applied for the crossflow NF process and the ED process, respectively. 

Concentration polarization near solution-membrane interfaces was considered (Appendix E). 

Li/Mg separation performance was evaluated with Li/Mg selectivity and Li flux at the coupon-

scale. The Li/Mg selectivity or separation factor, ὛȾ , is defined as bulk feed concentration (ὧ) 

normalized ion flux ratio,133 

ὛȾ ḳ
ὐȾὧ

ὐ Ⱦὧ
 (6.11) 

where ὐ and ὐ  are flux of Li+ and Mg2+ across NF membranes or CEMs, respectively. For NF 

process, Eq. (11) is equivalent to 

ὛȾ

ρ Ὑ

ρ Ὑ
 (6.12) 

where Ὑ  and Ὑ  are observed rejections of Li+ and Mg2+, respectively. Ion rejection is 

calculated as 

Ὑ ρ
ὧ

ὧ
 (6.13) 

The module-scale NF-based Li/Mg separation was then modeled as a function of water 

recovery via a finite difference method. The inputs are the applied pressure and the initial feed 

solution composition. The solution-friction model was solved iteratively to determine the local 

permeate composition at any water recovery. Species conservation was maintained in the brine 

and permeate when coupling the adjacent differential elements: 

ὧ
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where ὧ
ȟ
ὡὙ and ὧ ὡὙ are local permeate concentration and bulk brine concentration of 

ion Ὥ at water recovery ὡὙ, respectively. Cumulative permeate concentration, ὧ
ȟ

ὡὙ, can 

be then calculated as: 

ὧ
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ὧ᷿
ȟ
ὡὙÄὡὙ

ὡὙ
 (6.15) 
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Li/Mg selectivity at the module-scale was then evaluated based on the average ion flux or the 

cumulative ion rejections along the module. Li recovery (ὒὭὙ) is another success criteria for Li/Mg 

separation from a process perspective and thus was evaluated in the module-scale analysis. ὒὭὙ is 

defined as the mass fraction of Li+ in the feed that is eventually recovered in the permeate (or the 

receiving solution for ED),  

ὒὭὙḳ
ὗὧ

ȟ

ὗὧȟ
 (6.16) 

where ὗ  and ὗ are permeate and feed stream flow rates, respectively. For NF process, Eq. (16) 

is equivalent to  

ὒὭὙ ὡὙρ Ὑ  (6.17) 

where ὡὙ is water recovery. We note that Ὑ  measured from coupon-scale experiments at zero 

water recovery cannot be used in Eq. (17) to predict module-scale Li recovery. 

 The module-scale ED-based Li/Mg separation was modeled as a function of Li recovery 

via a finite difference method. The inputs are the applied current density (i.e., assuming a semi-

batch ED process under constant current operation) and the initial feed solution composition. The 

solution-friction model was solved iteratively to determine the local ion flux across the CEM. 

Species conservation was maintained in the feed and receiving solutions when coupling the 

adjacent differential elements: 

Äὧ ὒὭὙ
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 (6.18) 

where ὧ ὒὭὙ and ὧὒὭὙ are ion concentration in the receiving solution and the feed solution, 

respectively. ὐȟ ὒὭὙ and ὐȟ ὒὭὙ are local ion flux across CEM and AEM, respectively. 

For simplicity, we assumed a perfect anion exchange membrane (AEM) is paired with the CEM, 

where only Cl- transports across the AEM and carries all the current. We also assumed the feed 

and the receiving streams have the same flow rate and flow rate change due to water transport is 

negligible. The benefit of modeling module-scale performance as a function of water or Li 

recovery is to avoid additional assumptions about the ratio of membrane area and stream flow rate. 
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6.3 Results and Discussion 

 

6.3.1 Performance of composite MSCEMs in ED 

Li/Mg separation performance of composite MSCEMs in the ED process was first 

evaluated and compared at the coupon-scale. Composite MSCEMs we discussed here include 

CEMs with either a loose surface layer of strong positive charges (PC-CEM) or a dense but weakly 

charged polyamide film (PA-CEM). The regular CEM, as a reference, barely has selectivity to Li+ 

and Li/Mg selectivity decreases to below one with an increasing current density (Figure 6.2A). 

The loose surface layer with positive charges enhances Li/Mg selectivity and increases Li flux 

under the same current density. However, the enhancement is not substantial until the positive 

charge density of the surface layer is close to the negative charge density of the substrate CEM, 

with which Li/Mg selectivity raises to 3~4. We note that monovalent/divalent cation selectivity of 

commercial MSCEMs reported in the literature studies varies in a wide range from ~1.2 to ~50 as 

different solution composition and operating conditions have been used.122ï124,155ï157 Co-existence 

of monovalent cations (e.g., K+ and Na+) tend to reduce Li/Mg selectivity while divalent ions, 

either cation or anion (e.g., Ca2+ and SO4
2-), tend to increase the selectivity.123,124 Additionally, 

properties of the positively charged surface layer are rarely reported and hard to characterize. To 

stress the effect of positive charges, we herein assumed no other exclusion or hindrance 

mechanisms in the surface layer. Practically, the surface layer may have a denser structure than 

assumed here and thus can have a larger Li/Mg selectivity due to ion size sieving effect when the 

surface positive charge density is not as high as the substrate CEM. PA-CEMs show several times 

higher to over an order of magnitude higher Li/Mg selectivity than PC-CEMs, depending on the 

charge density of polyamide layer (Figure 6.2B).  
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Figure 6.2 Performance of composite CEMs in ED. (A-B) Li/Mg selectivity versus Li flux as a function 

of current density and surface layer (i.e., (A) PC layer and (B) PA layer) charge density. (C-D) Average Li 

and Mg flux contributions from advection, diffusion and electromigration in the CEMs. (E-F) Concentration 

profiles of cations inside the composite membranes. For (C-F), current density is 300 A m-2, PC-CEM has 

a surface layer with 5000 mM charge density, PA(-)-CEM has a PA layer with -50 mM charge, and PA(+)-

CEM has a PA layer with 0.5 mM charge. 

 

The existence of surface layer increases Li flux while reduces Mg2+ flux as compared to 

the standalone CEMs (Figure 6.2C and 6.2D). Polyamide surface layer is more effective in 

reducing Mg2+ flux than the positively charged polymer coating. A positively charged polyamide 

layer has a lower Li+ flux than that of a negatively charged polyamide film under the same current 

density but rejects Mg2+ more effectively. By decomposing the average ion flux across the CEM 

layer to different transport mechanisms, Li+ flux is contributed mainly by electromigration and 

diffusion, while Mg2+ flux is dominated by electromigration, which is proportional to Mg2+ 

concentration inside the CEM layer. Therefore, the Mg2+ flux reduction with the surface layer is 

mainly due to the reduction of Mg2+ concentration inside the CEM, and can be verified with ion 

concentration profiles across the composite membranes (Figure 6.2E and 6.2F). Although MLR 

is 20 in the bulk feed solution, partition of Mg2+ into the surface layer is unfavorable due to like-

charge electrostatic repulsion and steric and dielectric exclusions, which results in Mg2+ 
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concentration in the surface layer lower than Li+ and Na+. Moreover, Mg2+ depletion occurs near 

the interface between surface layer and the substrate layer, which further reduces the Mg2+ uptake 

into the substrate CEM. For example, Mg2+ concentration in the positively charged polyamide 

coated CEM is over an order of magnitude lower than that in the standalone CEM. Meanwhile, 

more Li+ and Na+ partition into the CEM layer to maintain charge neutrality with enhanced Li+ 

and Na+ flux to carry the applied current. 

 

6.3.2 Performance of composite NF membranes in ED and NF 

Li/Mg separation performance of NF membranes in the ED and NF processes was then 

evaluated and compared at the coupon-scale. Li/Mg selectivity of the composite NF membrane in 

the ED process varies by about two orders of magnitude from ~2 to ~150, depending on the 

polyamide layer charge density and the effective thickness of the porous support membrane 

(Figure 6.3A). A less negative or slightly positive polyamide layer substantially increases Li/Mg 

selectivity under the same current density but at the cost of substantial Li+ flux reduction, which 

is a result of increased Cl- flux in the opposite direction across the NF membrane (Figure E4). As 

Cl- is the co-ion to the CEM and thus is strongly excluded, Li+ flux with a PA-CEM does not vary 

much when the polyamide layer charge density changes (Figure 6.2B). Both Li/Mg selectivity and 

Li+ flux decrease with the effective thickness of the porous support due to an enhanced internal 

concentration polarization effect. Although a support free polyamide layer theoretically can have 

an unprecedented high selectivity (e.g., ~150) or high Li+ flux, it is unfeasible in practice as the 

polyamide film is too thin (e.g., 20~200 nm) and thus too fragile. Unfortunately, commercial NF 

membranes usually have a thick support layer made of polysulfone or polyethersulfone and a non-

woven fabrics, which results in an effective thickness of thousands of micrometers and limits both 

Li/Mg selectivity and Li+ flux. A thin support (e.g., with ~150 ɛm effective thickness) is necessary 

for NF membranes to be an effective alternative for MSCEMs in the ED-based Li/Mg separation 

process, and is possible as composite polyamide membranes with a thin support have been 

designed to address the same internal concentration polarization issue in forward osmosis.180  
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Figure 6.3 Performance of composite NF membranes in ED and NF. (A) Li/Mg selectivity versus Li 

flux in ED as a function of current density and PA layer charge density. (B) Li/Mg selectivity versus Li 

flux in NF as a function of pressure and PA layer charge density. (C-D) Average Li and Mg flux 

contributions from advection, diffusion and electromigration in the PA layer of the composite NF 

membranes. (E-F) Concentration profiles of cations inside the composite NF membranes. For (C-F), current 

density in ED is 300 A m-2, pressure in NF is 30 bar, PA(-) and PA(+) have a PA layer with -50 mM and 

0.5 mM charge density, respectively. 

 

On the other hand, polyamide-based NF membranes when used in the NF process show a 

little lower Li/Mg selectivity than that in the ED process (Figure 6.3B) but is independent of the 

support layer as there is no concentration polarization on the permeate side due to the crossflow. 

Li/Mg selectivity and Li flux generally increases with the applied pressure. Li/Mg selectivity is 

sensitive to Mg2+ rejection. Mg2+ rejection is over 97% when the polyamide has a charge density 

of 0.5 mM and is lower than 95% when the charge density is -50 mM, while Li+ rejection does not 

vary much (Figure E5). A high pressure or permeate flux may lead to selectivity reduction due to 

an enhanced external concentration polarization in the feed. Li flux is dominated by 

electromigration when the polyamide layer is negatively charged and Li+ is the counter-ion, while 

dominated by diffusion in the positively charged polyamide layer when Li+ is the co-ion (Figure 

6.3C). Mg2+ flux is always dominated by diffusion (Figure 6.3D) as it is well rejected by the 
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polyamide layer especially when the layer is positively charged (Figure 6.3E and 6.3F). Diffusion 

flux has a more significant contribution to overall ion flux in NF membranes as compared to that 

in the MSCEMs because the polyamide layer much thinner than the CEM. 

 

6.3.3 Comparison from coupon-scale to module-scale 

 The coupon-scale performance evaluation indicates that a positively charged surface layer 

is always beneficial to Li/Mg separation, regardless of the substrate membrane and the type of 

separation process. Polyamide-based NF membranes and PA-CEMs have higher Li/Mg selectivity 

than PC-CEMs (Figure 6.4A), which indicating that ion size sieving effects, e.g., steric and 

dielectric exclusions induced by nanoconfinement, are more effective than like-charge electrostatic 

repulsion for enhancing Li/Mg selectivity. Polyamide-based NF membranes when used in the NF 

process have similar Li/Mg separation performance as PA-CEMs used in the ED process, while 

the performance of replacing MSCEMs by NF membranes in the ED process strongly depends on 

the porous support structure. With a reasonably thin support, PA-ED has a similar performance as 

PA-NF and PA-CEM used in ED (Figure 6.4A). 

 

 

Figure 6.4 Performance comparison of composite CEMs and NF membranes in ED and NF from 

coupon-scale to module-scale. (A) Coupon-scale comparison. Current density in ED varies from 0 to 300 

A m-2. Pressure in NF varies from 10 to 30 bar. PA layer charge density varies from -50 to 0.5 mM. PE 
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layer charge density varies from 0 to 5000 mM. (B) Module-scale comparison. Current density of ED is 

250 A m-2. Pressure of NF is 30 bar. PA layer charge density is -10 mM. 

  

Module-scale Li/Mg separation performance can be very different from the coupon-scale 

results as the feed solution composition varies along the module in a continuous single-pass 

process or vary with time in a batch process. Moreover, Li recovery in coupon-scale analysis is 

zero, while achieving high Li recovery is as important as high selectivity for the Li/Mg separation 

process. Our previous analysis has shown that an operational tradeoff between Li/Mg selectivity 

and Li recovery exists at the module-scale NF process, i.e., selectivity decreases as Li recovery 

increases. Therefore, we extend the comparison of ED and NF based Li/Mg separation to module-

scale. Performance of a polyamide-based NF membrane and a PA-CEM with the same polyamide 

surface layer were compared in the NF and ED processes as a function of Li recovery. The pressure 

for NF and the current density for ED were selected to have a similar initial Li/Mg selectivity and 

Li flux at zero Li recovery. A similar tradeoff between Li/Mg selectivity and Li recovery exists 

for both ED and NF processes, while Li is recovered in both processes at a quite stable flux (Figure 

6.4B). MLR in the feed increases with Li recovery in the ED and NF processes following an almost 

same trend (Figure E6), but is due to different reasons. In the NF process, MLR increases as water 

recovers to the permeate and Mg2+ accumulates and concentrates in the brine. While the increase 

of MLR in the ED process is due to Li+ concentration reduction. The substantially reduced 

selectivity at high Li recovery indicates that a single-pass NF or ED cannot satisfies the industrial 

requirement for Li product and thus multiple passes of NF or ED are required to achieve the desired 

Li /Mg selectivity. Energy consumption and cost analysis are necessary for a complete process 

comparison. We note that the capital cost of ED may be higher than NF as a cell pair in ED contains 

two IEMs and IEMs are much expensive than NF membranes. However, NF is constrained by the 

applied pressure which needs to be higher than the osmotic pressure difference across the 

membrane. Therefore, dilution of the saline brines is usually needed as a pretreatment for NF-

based Li/Mg separation. 

 

6.4 Conclusions 
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ED and NF are two promising membrane-based processes to separate Li+ from Mg2+, which 

is the most critical step for Li extraction from brine lakes. In this study, we compared ED and NF 

based Li/Mg separation using different MSCEMs and NF membranes with the unified solution-

friction model. We demonstrated that MSCEMs with a dense surface layer is more effective than 

with a loose but highly charged surface in enhancing Li/Mg separation performance. Polyamide-

based NF membranes when used in NF have a similar performance as polyamide coated MSCEMs 

when used in ED. The same tradeoff between Li/Mg selectivity and Li recovery at module-scale 

exists in both ED and NF. NF membranes, when used to replace MSCEMs in ED for Li/Mg 

separation, require a thin support layer with low tortuosity and high porosity to reduce 

concentration polarization. The comparison provides new insights to the design of composite 

membranes and process innovation for Li/Mg separation. 

 

Abbreviations 

(by first 

appearance) 

Description 

NF Nanofiltration 

ED Electrodialysis 

IEMs Ion exchange membranes 

TFC-PA Thin-film composite polyamide 

LbL Layer-by-layer 

CEMs Cation exchange membranes 

AEMs Anion exchange membranes 

MSCEMs Monovalent selective cation exchange membranes 

PA-CEMs Composite cation exchange membranes with polyamide surface layer 

PC-CEMs Composite cation exchange membranes with positively charged surface layer 

PA-ED Polyamide nanofiltration membranes used in electrodialysis 

PA-NF Polyamide nanofiltration membranes used in nanofiltration 

  

Symbols Description 

ὐ Flux  

ὑ Hindrance factor 

ὺ Velocity  

ὧ Concentration  

‐ Effective porosity  

Ὀ Diffusion coefficient  
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ὼ Coordinate perpendicular to the membrane surface 

ᾀ Ion valence 

Ὂ Faraday constant 

Ὑ  Ideal gas constant  

Ὕ Absolute temperature  

• Electrical potential  

‰ Non-electrostatic partition coefficient 

ὢ Layer charge density  

Ὅ Current density 

ὖ Total pressure 

ὃ  Water permeability  

Ὢ  Friction coefficient between fluid and membrane 

ὒ Membrane thickness 

ὶ Ion stokes radius  

ὶ Pore radius  

ὔ  Avogadro constant 

‐ Dielectric constant of vacuum 

‐ Relative dielectric constant of water in the bulk 

‐ Relative dielectric constant of water in the membrane pore 

‗ Ratio of ion Stokes radius and membrane pore radius 

Ὓ Selectivity  

Ὑ Rejection  

ὡὙ Water recovery  

ὒὭὙ Li recovery  

ὗ Flow rate  

  

Subscripts 

and 

superscripts 

 

w Water  

m Membrane  

Њ Infinitely diluted 

s Solution  

p permeate 

ne Non-electrostatic  

e Electrostatic  

f Feed  

loc  Local  
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cum  Cumulative  

b Brine  
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CHAPTER 7: CONCLUSIONS AND FUTURE WORK 

 

In this dissertation, ion-ion separation using NF and ED is investigated systematically from 

microscopic ion transport to process-scale performance evaluation. A summary of Chapters 2-6 

are detailed below: 

Chapter 2: We demonstrate that selectivity measured using different methods, or even different 

conditions with the same method, are generally not comparable. The cross-method incomparability 

is true for both apparent selectivity, defined as the ratio between concentration-normalized fluxes, 

and the more intrinsic selectivity, defined as the ratio between the permeabilities of solutes through 

the active separation layer. The difference in selectivity measured using different methods possibly 

stems from the fundamental differences in the driving force of ion transport, the effect of water 

transport, and the interaction between cations and anions. We further demonstrate the difference 

in selectivity measured using feed solutions containing single salt species and that containing 

mixed salts. A consistent protocol with standardized testing conditions to facilitate fair 

performance comparison between studies is proposed in this chapter. 

Chapter 3: We illustrate the deficiency of applying the existing performance evaluation 

framework developed for water-solute separation to solute-solute separation due to the 

fundamentally different separation goals. We performed coupon- and module-scale analyses of 

mass transfer to elucidate how membrane properties and operating conditions affect the 

performance of Li/Mg separation in NF. Notably, we identified an important operational tradeoff 

between Li/Mg selectivity and Li recovery, which is critical for process optimization. We also 

established a new framework for evaluating membrane performance based on the success criteria 

of Li purity and recovery and further extended this framework to separation with the target ions in 

the brine. The analysis of this chapter lays the theoretical foundation for performance evaluation 

and process optimization for all kinds of NF-based selective solute separation. 

Chapter 4: We illustrate a tradeoff between Li/Mg selectivity and Li recovery exists at process-

scale, and the Li/Mg selectivity in a single-pass NF process is not high enough to satisfy the 

industrial purity requirements. To overcome this challenge, we propose a multi-pass NF process 

with brine recirculation to achieve high selectivity without sacrificing Li recovery. We 

demonstrate that Li/Mg selectivity of a three-pass NF process with a commercial NF membrane 
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can exceed 1000 with experiments, despite co-existing cations compromising Li recovery. Our 

theoretical analysis further predicts that a four-pass NF process with brine recirculation can 

achieve ultra-high Li/Mg selectivity of 4889 and Li recovery of 96.6% simultaneously. The 

process proposed in this chapter could potentially facilitate efficient NF-based solute-solute 

separations of all kinds and contribute to the development of novel membrane-based separation 

technologies. 

Chapter 5: We extend the Manningôs counter-ion condensation model for describing ion partition 

and ion mobility inside IEMs to mixed salts scenarios. We evaluate the extended Donnan-Manning 

model against experimental data from literature and compare the performance the Donnan-

Manning model to that of the ideal Donnan model and the Donnan-Affinity model. Our analysis 

shows that, despite its structural complexity, the Donnan-Manning model has less fitting 

parameters than the Donnan-Affinity model and generally outperforms the two other models in 

predicting counter-ion and co-ion partition. With the assumption of a higher mobility of condensed 

ions than that of uncondensed ions, the generalized Manningôs model can also predict counter-ion 

mobility selectivity for cation exchange membranes, but its performance for predicting mobility 

selectivity for anion exchange membranes is still unsatisfactory. 

Chapter 6: We compared ED and NF based Li/Mg separation using different MSCEMs and NF 

membranes with the unified solution-friction model. We demonstrated that MSCEMs with a dense 

surface layer is more effective than with a loose but highly charged surface in enhancing Li/Mg 

separation performance. Polyamide-based NF membranes when used in NF have a similar 

performance as polyamide coated MSCEMs when used in ED. The same tradeoff between Li/Mg 

selectivity and Li recovery at module-scale exists in both ED and NF. NF membranes, when used 

to replace MSCEMs in ED for Li/Mg separation, require a thin support layer with low tortuosity 

and high porosity to reduce concentration polarization. The comparison provides new insights to 

the design of composite membranes and process innovation for ion-ion separation. 

Based on the conclusions from this dissertation, future work can be extended from the 

following perspectives: 

¶ To fairly compare the solute permeability measured by filtration and diffusion methods 

discussed in Chapter 2, the impact of both external and internal concentration polarization 

should be quantified with more accuracy. For composite membranes, diffusion 
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experiments may be conducted by peeling off the supports, or the structural parameter of 

the support layer should be determined independently. 

¶ Performance metrics and tradeoffs for solute-solute separation discussed in Chapter 3 can 

be generally applied to other applications beyond Li/Mg separation. Although we 

discussed a hypothetical scenario with Mg in the brine as the target solute, real separation 

data of practical applications (e.g., rare earth elements recovery) may be collected and 

analyzed following the same framework. 

¶ The multi-pass NF process with brine recirculation proposed in Chapter 4 needs to be 

validated with pilot-scale experiments. Effects of membrane properties on the overall 

performance can be investigated with both theoretical and experimental approaches. 

Operating pressure and water recovery of each pass may be optimized in techno-economic 

analysis. 

¶ The extended Donnan-manning model in Chapter 5 could be validated with more complex 

solution compositions and applied to predict performance of selective ED process. The 

diffusivity of condensed counter-ions with mixed electrolytes requires further theoretical 

and experimental investigation.  

¶ The comparison of ED and NF for Li/Mg separation in Chapter 6 could be systematically 

validated with experiment results, especially the impact of support layer structural 

parameter on the performance of a NF membrane used in ED process. Additionally, techno-

economic analysis can be conducted to compare ED and NF for ion-ion separation. 
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APPENDICES 

 

A. Appendix for Chapter 2 

 

 

Figure A1 (A) NaCl rejection, (B) Na2SO4 rejection, and (C) MgCl2 rejection as a function of permeate 

flux under different feed concentrations.  

 

 

Figure A2 (A) NaCl, (B) Na2SO4 and (C) MgCl2 concentration in the receiving solution as a function of 

diffusion time under different feed concentrations. Conductivity of the receiving solution was measured 

over time and converted to permeate salt concentration. Osmosis was offset by the addition of sucrose in 

the receiving solution. 
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Figure A3 I-V curves with (A, B, C) and without membranes (D, E, F) under different feed concentrations. 

Linear sweep voltammetry was characterized within -50 to 50 mV at a scan rate of 2 mV/s.  

 

 

Figure A4 Dependence of membrane potential on the concentration ratio between the two chambers. The 

slopes of the curves were used to calculate the corresponding transport numbers of cations and anions. 
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Figure A5 Solute permeability (A, B, C) and solute-solute selectivity (D, E, F) as a function of 

concentration calculated from filtration method, diffusion method and conductance method, respectively. 

 

 

Figure A6 (A) Solute permeability and (B) Mx+/Al 3+ selectivity of different definitions in a polycarbazole-

type conjugated microporous polymer membrane. Permeability and selectivity were calculated based on 

original rejection, diffusion flux, and conductance data reported in reference. Concentration polarization 

effect was not considered. 
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Figure A7 (A) Diffusion flux of NaCl and MgCl2 measured in single (dash) and mixture (solid) salt 

solutions. Osmosis was not offset. (D) Comparison of Na+/Mg2+ selectivity defined on diffusion flux in 

single and mixture salt solutions. Results under three feed concentrations (i.e., 25 mM, 50 mM, 100 mM 

for each salt) were presented. 
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B. Appendix for Chapter 3 

 

The solution-diffusion-electromigration (SDEM) model. The SDEM model87,88,104 assumes that 

any point inside the membrane is in thermodynamic equilibrium with a virtual bulk electrolyte 

solution, i.e., ‘Ӷ ‘, or: 

‘ ÌÎ‎ӶὧӶ ᾀ• ‘ ÌÎ‎ὧ ᾀ• (B1) 

where the left-hand-side of Eq. (B1) is the real electrochemical potential of ion Ὥ inside the 

membrane (‘Ӷ) and the right-hand-side is the electrochemical potential in the virtual solution (‘). 

‘ is the electrochemical potential of standard state. ‎Ӷ (‎), ὧӶ (ὧ), and • (•) are real (virtual) 

activity coefficients, concentrations, and electrical potentials, respectively. The ion flux across the 

membrane is driven by the electrochemical potential gradient and can be expressed as: 

ὐ ὧӶὈ
Ä‘Ӷ

Äὼ
 (B2) 

where Ὀ is the diffusion coefficient of ion Ὥ. With the virtual solution approach and ideal solution 

assumption, Eq. (B2) becomes: 

ὐ
ὧӶ

ὧ
Ὀ
Äὧ

Äὼ
ᾀὧӶὈ

Ä•

Äὼ
 (B3) 

If the partition coefficient is defined as ὑ
Ӷ
, we can obtain: 

ὐ ὑὈ
Äὧ

Äὼ
ᾀὑὈὧ

Ä•

Äὼ
 (B4) 

where the product of the partition and diffusion coefficients is then defined as ion permeability, 

ὖ ὑὈ. Thus, Eq. (B4) is equivalent to Eq. (3.2) in the main text. The virtual solution concept 

was first used by Spiegler and Kedem in the hyperfiltration theory based on irreversible 

thermodynamics.181 The main advantage of the virtual solution approach is to avoid explicitly 

determining the partition and diffusion coefficients. 

 

The impact of water flux on Li/Mg selectivity. Li/Mg selectivity, ὛȾ , as a function of water 

flux at a coupon-scale is modeled for the polyelectrolyte membrane. The feed solution is LiCl and 
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MgCl2 with a total concertation of 2 or 6 g L-1. The bulk mass based MLR is 20. The applied 

pressure varies up to 10 bar to control the water flux.  ὛȾ  first increases and then decreases 

with water flux (Figure 3.5B in the main text). At the low water flux regime where the CP effect 

is mild, both Ὑ  and Ὑ  increase with permeate water flux (Figure B3), known as the ñdilution 

effectò.80,81 ὛȾ  increases in this regime due to its stronger sensitivity to Ὑ , which is intrinsic 

to the definition of selectivity (Equation (3.1) in the main text).  

As water flux further increases, ὛȾ  decreases as a combined result of the continuous 

increase of Ὑ  and the slight reduction of Ὑ  (Figure B3). Mg2+ transport behavior is mainly 

characterized by Mg2+ permeability, ὖ . A higher ὖ  means that Mg2+ becomes more 

permeable, which tends to result in a reduced Ὑ  when it outperforms the ñdilution effectò 

(Figure B3). Therefore, the reduction of Ὑ  in the high water flux regime may be explained by 

the impact of flux on ὖ  via the enhanced CP effect. A higher water flux results in more severe 

CP which increases the total interfacial concentration (mainly Mg2+ concentration as MLR is high). 

Since ion permeability is assumed to be a function of local interfacial feed concentrations (Eq. 

(3.3) in the main text), and ὖ  has shown a positive correlation with interfacial feed 

concentrations (i.e., positive ‌ and ‌ values for Mg2+ with the LbL membrane in Table B3), a 

higher flux is thus detrimental to ὛȾ . 

 

Table B1 Properties of commercial NF membranes used in this study 

Membrane NF270 NF90 NFX 

MWCO (Da) 200~400 200~400 150~300 

Pore radius (nm) 0.42 0.34 Not found 

Water permeability (L 

m-2 h-1 bar-1) 
19.7 3.3 2.1 

NaCl rejection (%) 21.1 82.5 40.0 

MgCl2 rejection (%) 26.0 93.0 97.0 

Na2SO4 rejection (%) 93.1 97.8 97.0 

Zeta potential at pH~7 

(mV) 
-100 -67 -50 

Isoelectric point 2.9 3.3 4.8 
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Note: MWCO data is from manufacturer. Pore radius of NF270 and NF90 reported in reference 182 is 

estimated from neutral solute rejections via hindered transport model. Other properties were measured in 

this study. For single salt rejections, feed concentration was 1 g L-1 and applied pressure was 8 bar. 

 

Table B2 Literature data and experimental results in this study of Li/Mg separation 

Membrane 
Mg conc. 

(mg/L) 

Li conc. 

(mg/L) 
MLR  

Mg 

rejection 

(%)  

Li 

rejection 

(%)  

Selectivity Ref. 

Desal DL 9120.0 152.0 60.0 65.0 -80.0 5.1 183 

Desal DL 5785.0 132.0 43.8 60.0 -10.0 2.8 183 

PAN/DAPP/TMC 469.3 23.5 20.0 46.0 -40.7 2.6 184 

NF270 2820.0 141.0 20.0 80.0 45.0 2.8 185 

NF90 2820.0 141.0 20.0 94.0 87.0 2.2 185 

NF270 705.0 141.0 5.0 89.0 33.0 6.1 185 

NF90 705.0 141.0 5.0 99.5 62.0 76.0 185 

NF270 1410.0 141.0 10.0 85.0 41.0 3.9 185 

NF90 1410.0 141.0 10.0 99.0 65.0 35.0 185 

NF270 2115.0 141.0 15.0 86.0 45.0 3.9 185 

NF90 2115.0 141.0 15.0 98.0 77.5 11.3 185 

PEI/GQDs-NH2/TMC 469.3 23.5 20.0 97.0 20.0 26.7 97 

Dual-skin layer NF 469.3 23.5 20.0 97.2 6.5 33.4 98 

Dual-skin layer NF 438.1 43.8 10.0 97.3 7.0 34.4 98 

Dual-skin layer NF 486.6 12.2 40.0 97.3 6.5 34.6 98 

Dual-skin layer NF 938.5 46.9 20.0 96.7 6.7 28.3 98 

Dual-skin layer NF 1407.8 70.4 20.0 96.1 6.0 24.1 98 

MBCN-0.02 494.9 6.8 73.0 97.5 37.5 25.0 99 

MBCN-0.02 1484.6 20.3 73.0 92.0 -50.0 18.8 99 

(PES-GO)/PEI/TMC 469.3 23.5 20.0 95.1 22.0 15.9 100 

PES/CNC-COOH/PA 480.7 16.0 30.0 96.1 21.8 20.1 186 

PES/CNC-COOH/PA 492.7 8.2 60.0 95.6 11.6 20.0 186 

PEI-TMC 469.3 23.5 20.0 95.0 19.0 16.2 69 

PIP-

MWCNTs/PEI/TMC 
471.5 22.0 21.4 95.0 18.0 16.4 54 

NF-IL-2% 252.6 16.5 15.3 86.5 -26.0 9.3 187 

NF-IL-2% 505.3 16.5 30.7 82.0 -45.0 8.1 187 

NF-IL-2% 757.9 16.5 46.0 80.0 -49.0 7.5 187 

NF-IL-2% 1010.5 16.5 61.4 75.0 -55.0 6.2 187 

PA-B2-E3 2400.0 100.0 24.0 92.3 29.0 9.2 154 

PES/(PIP-PHF)/TMC 471.5 22.0 21.4 91.5 -10.0 12.9 101 

MWCNTs-COOK 469.3 23.5 20.0 98.6 21.6 57.7 188 

PES/CQDs-NH2-TMC 480.7 16.0 30.0 94.7 22.9 14.4 102 

SPE-PEI600 500.1 3.3 150.0 89.1 -30.9 12.0 189 
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SPE-PEI600 1250.4 8.3 150.0 84.7 -38.1 9.0 189 

SPE-PEI600 2500.7 16.7 150.0 79.6 -43.1 7.0 189 

TFN/PEI-3 469.3 23.5 20.0 97.4 5.0 36.5 190 

Cu-MPD 474.3 20.2 23.5 91.5 32.3 8.0 6 

PSS/PAH2.5 (LbL) 463.0 27.0 20.0 99.9 58.6 279.0 111 

PSS/PAH2.5 (LbL) 468.0 12.6 40.0 99.9 57.6 370.3 111 

PSS/PAH2.5 (LbL) 477.0 8.6 60.0 99.9 58.0 381.6 111 

PSS/PAH2.5 (LbL) 892.0 47.5 20.0 99.7 24.6 250.2 111 

PSS/PAH2.5 (LbL) 1230.0 60.0 20.0 99.4 -40.8 249.2 111 

PSS/PAH2.5 (LbL) 1310.0 66.0 20.0 99.0 -55.0 153.2 111 

PSS/PAH2.5-X (LbL) 468.0 23.8 20.0 99.7 22.1 262.3 111 

PSS/PAH2.5-X (LbL) 500.0 13.8 40.0 99.7 29.6 255.2 111 

PSS/PAH2.5-X (LbL) 506.0 9.0 60.0 99.8 34.0 330.2 111 

PSS/PAH2.5-X (LbL) 957.0 49.8 20.0 99.4 -13.8 196.2 111 

PSS/PAH2.5-X (LbL) 1230.0 60.0 20.0 99.1 -55.8 176.7 111 

PSS/PAH2.5-X (LbL) 1530.0 86.0 20.0 98.5 -90.7 126.0 111 

PES/PSS/PAH (LbL) 469.3 23.5 20.0 99.0 28.6 71.4 103 

PES/PSS/PAH (LbL) 486.6 12.2 40.0 98.9 28.0 65.5 103 

PES/PSS/PAH (LbL) 492.7 8.2 60.0 99.0 25.7 74.3 103 

PES/PSS/PAH (LbL) 938.5 46.9 20.0 98.0 -22.1 61.0 103 

PES/PSS/PAH (LbL) 1407.8 70.4 20.0 96.5 -60.2 45.8 103 

NFX 469.3 23.5 20.0 89.1 -84.1 16.9 This study 

NFX 486.6 12.2 40.0 73.7 -72.8 6.6 This study 

NFX 492.7 8.2 60.0 85.5 -122.2 15.4 This study 

NFX 938.5 46.9 20.0 86.2 -79.7 13.1 This study 

NFX 1407.8 70.4 20.0 86.3 -89.8 13.9 This study 

NF90 469.3 23.5 20.0 96.6 28.8 20.8 This study 

NF90 486.6 12.2 40.0 94.9 3.2 19.2 This study 

NF90 492.7 8.2 60.0 94.9 5.1 18.5 This study 

NF90 938.5 46.9 20.0 96.1 15.6 21.7 This study 

NF90 1407.8 70.4 20.0 95.8 4.7 22.7 This study 

NF270 469.3 23.5 20.0 51.7 -10.2 2.3 This study 

NF270 486.6 12.2 40.0 38.8 -8.0 1.8 This study 

NF270 492.7 8.2 60.0 46.9 -12.2 2.1 This study 

NF270 938.5 46.9 20.0 51.9 -10.2 2.3 This study 

NF270 1407.8 70.4 20.0 49.9 -15.4 2.3 This study 

 

Table B3 Correlation coefficients of ion permeabilities of different membranes 

Membranes 
♪  ♪  ♪  

Li + Mg2+ Li + Mg2+ Li + Mg2+ 

LbL 

(PSS/PAH) 
0.1688 0.0008 0.026 0.0007 3.0603 0.0179 
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NFX -0.6788 -0.0429 0.0794 0.0055 8.017 0.2191 

NF90 -0.1632 -0.0076 0.0154 0.0008 1.9761 0.0614 

NF270 -16.763 -2.4129 1.8194 0.2385 64.8623 9.6706 

 

Table B4 Water permeability, fitted ion permeabilities*, and permeability ratios of literature 

membranes and commercial membranes tested in this study 

Membrane 
Pw (LMH 

bar-1) 
PLi  (ɛm s-1) PMg (ɛm s-1) PLi  / Pw (bar) 

PLi  / 

PMg 
Ref. 

Desal DL 6.1 32.2 1.21 19.0 26.6 183 

Desal DL 6.1 39.1 5.14 23.0 7.6 183 

PAN/DAPP/TMC 2.6 21.8 0.85 30.6 26.7 184 

NF270 19.7 4.9 1.11 0.9 4.5 185 

NF90 3.3 0.0 0.00 0.0 2.8 185 

NF270 19.7 21.3 2.03 3.9 10.5 185 

NF90 3.3 1.4 0.01 1.5 112.2 185 

NF270 19.7 13.8 2.12 2.5 6.5 185 

NF90 3.3 0.8 0.01 0.8 51.5 185 

NF270 19.7 7.5 1.18 1.4 6.3 185 

NF90 3.3 0.2 0.01 0.2 16.2 185 

PEI/GQDs-NH2/TMC 11.9 3.0 0.07 0.9 42.8 97 

Dual-skin layer NF 12.0 5.6 0.10 1.7 54.1 98 

Dual-skin layer NF 12.0 6.7 0.11 2.0 58.9 98 

Dual-skin layer NF 12.0 5.0 0.09 1.5 54.5 98 

Dual-skin layer NF 12.0 3.3 0.07 1.0 46.4 98 

Dual-skin layer NF 12.0 0.8 0.02 0.2 40.3 98 

MBCN-0.02 5.6 1.5 0.04 0.9 38.0 99 

MBCN-0.02 5.6 0.8 0.02 0.5 34.4 99 

(PES-GO)/PEI/TMC 11.2 2.9 0.11 0.9 25.9 100 

PES/CNC-COOH/PA 4.2 3.9 0.12 3.3 31.7 186 

PES/CNC-COOH/PA 3.4 3.5 0.11 3.7 31.7 186 

PEI-TMC 5.0 5.3 0.20 3.8 26.6 69 

PIP-MWCNTs/PEI/TMC 14.0 8.4 0.32 2.2 26.4 54 

NF-IL-2% 5.5 12.3 0.61 8.0 20.0 187 

NF-IL-2% 5.5 13.0 0.68 8.5 19.0 187 

NF-IL-2% 5.5 12.4 0.68 8.1 18.2 187 

NF-IL-2% 5.5 14.4 0.83 9.4 17.4 187 

PA-B2-E3 1.5 0.9 0.06 2.1 15.0 154 

PES/(PIP-PHF)/TMC 6.7 9.1 0.39 4.9 23.2 101 

MWCNTs-COOK 12.3 2.8 0.03 0.8 90.9 188 

PES/CQDs-NH2-TMC 33.0 3.4 0.15 0.4 23.0 102 

SPE-PEI600 10.0 13.0 0.60 4.7 21.6 189 

SPE-PEI600 10.0 11.0 0.61 3.9 18.0 189 

SPE-PEI600 10.0 3.3 0.21 1.2 16.1 189 
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TFN/PEI-3 30.6 13.5 0.23 1.6 60.5 190 

Cu-MPD 16.2 8.4 0.66 1.9 12.8 6 

PSS/PAH2.5 (LbL) 7.9 0.9 0.0021 0.4 420.2 111 

PSS/PAH2.5 (LbL) 7.9 0.9 0.0015 0.4 568.3 111 

PSS/PAH2.5 (LbL) 7.9 0.8 0.0014 0.4 584.4 111 

PSS/PAH2.5 (LbL) 7.9 1.6 0.0041 0.7 393.3 111 

PSS/PAH2.5 (LbL) 7.9 2.1 0.0047 1.0 445.2 111 

PSS/PAH2.5 (LbL) 7.9 2.7 0.0093 1.2 287.7 111 

PSS/PAH2.5-X (LbL) 6.2 1.4 0.0035 0.8 406.8 111 

PSS/PAH2.5-X (LbL) 6.2 1.1 0.0029 0.6 383.0 111 

PSS/PAH2.5-X (LbL) 6.2 1.0 0.002 0.6 495.0 111 

PSS/PAH2.5-X (LbL) 6.2 2.1 0.0063 1.2 325.8 111 

PSS/PAH2.5-X (LbL) 6.2 2.1 0.0063 1.2 330.5 111 

PSS/PAH2.5-X (LbL) 6.2 2.4 0.0082 1.4 289.8 111 

PES/PSS/PAH (LbL) 18.4 4.5 0.0413 0.9 110.0 103 

PES/PSS/PAH (LbL) 18.4 4.1 0.0411 0.8 99.8 103 

PES/PSS/PAH (LbL) 18.4 4.1 0.0362 0.8 112.6 103 

PES/PSS/PAH (LbL) 18.4 5.2 0.0504 1.0 103.8 103 

PES/PSS/PAH (LbL) 18.4 6.5 0.0729 1.3 88.5 103 

NFX 2.1 7.0 0.15 12.0 46.4 This study 

NFX 2.1 10.0 0.42 17.0 23.7 This study 

NFX 2.1 8.1 0.19 13.9 42.9 This study 

NFX 2.1 7.2 0.18 12.3 39.9 This study 

NFX 2.1 6.2 0.14 10.6 45.4 This study 

NF90 3.3 1.6 0.05 1.8 32.9 This study 

NF90 3.3 2.1 0.07 2.3 31.3 This study 

NF90 3.3 2.0 0.07 2.2 29.8 This study 

NF90 3.3 1.6 0.04 1.7 35.6 This study 

NF90 3.3 1.2 0.03 1.3 38.3 This study 

NF270 19.7 65.7 8.86 12.0 7.4 This study 

NF270 19.7 127.5 18.35 23.3 6.9 This study 

NF270 19.7 80.9 10.93 14.8 7.4 This study 

NF270 19.7 64.3 8.58 11.8 7.5 This study 

NF270 19.7 66.4 7.80 12.1 8.5 This study 

* We have provided a coded MATLAB App with graphic user interface for readers to fit ion permeability 

with SDEM model from their experimental NF-based Li/Mg separation data. 
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Figure B1 Li/Mg separation performance of (A) NFX, (B) NF90, and (C) NF270. From top to bottom: 

permeate flux, Li+/Mg2+ selectivity, fitted ion permeabilities, and measured rejections as a function of feed 

composition. Concentration polarization was accounted for by an assumed mass transfer coefficient of 100 

L m-2 h-1 for both LiCl and MgCl2. 

 

 

Figure B2 (A) Permeate flux and transmembrane osmotic pressure as a function of water recovery (WR). 

(B) Ion permeability as a function of WR. Simulation used 6 bar and a feed solution of LiCl and MgCl2 

with 2 g L-1 total concentration and MLR of 20. Concentration polarization was accounted for by an 

assumed mass transfer coefficient of 100 L m-2 h-1 for both LiCl and MgCl2. 
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Figure B3 (A) Ion rejection and (B) Ion permeability as a function of water flux at coupon-scale. Simulation 

used feed solutions of LiCl and MgCl2 with 2 g L-1 total concentration and bulk MLR of 20. Concentration 

polarization was accounted for with a mass transfer coefficient of 100 L m-2 h-1 for both LiCl and MgCl2. 

 

 

Figure B4 Interfacial Mg/Li ratio as a function of water flux at coupon-scale. Simulation used feed 

solutions of LiCl and MgCl2 with 2 and 6 g L-1 total concentration and bulk MLR of 20. Concentration 

polarization was accounted for with a mass transfer coefficient of 100 L m-2 h-1 for both LiCl and MgCl2. 

 

 

 



136 

 

 

Figure B5 (A) Interfacial Mg concentration and (B) Apparent Mg rejection as a function of water flux at 

coupon-scale. Simulation used feed solutions of LiCl and MgCl2 with 2 and 6 g L-1 total concentration and 

bulk MLR of 20. Concentration polarization was accounted for with a mass transfer coefficient of 100 L 

m-2 h-1 for both LiCl and MgCl2. 

 

 

Figure B6 Permeate Li purity as a function of Li recovery with a feed MLR of 20 at different applied 

pressures. Simulation used 1, 2, 4, 6 and 8 bar and a feed solution of LiCl and MgCl2 with 2 g L-1 total 

concentration and MLR of 20. Concentration polarization was accounted for with a mass transfer coefficient 

of 100 L m-2 h-1 for both LiCl and MgCl2. 
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C. Appendix for Chapter 4 

 

Modeling the multi-pass NF process with or without recirculation. The local ion flux across 

the NF membrane of species Ὥ, ὐ, is described using the modified Nernst-Planck equation in the 

SDEM model:  

ὐ ὖ
Äὧ

Äὼ
ᾀὧ
Ä•

Äὼ
 (C1) 

where ὖ is the ion permeability, ὧ is the ion concentration, ὼ is the transmembrane coordinate 

normalized by the membrane thickness, ᾀ is the valence of species Ὥ, and • is the local electrical 

potential. Concentration polarization is accounted for via the film theory: 

ὧȟ ὧȟ

ὧȟ ὧȟ
ÅØÐ

ὐ

Ὧ
 (C2) 

where ὧȟ is the local interfacial feed concentration, ὐ is local water flux, and Ὧ is the mass 

transfer coefficient in the boundary layer (quantified to be 50 L m-2 h-1 for the system used in this 

study). ὐ can be estimated using  

ὐ ὖ ῳὖ ῳ“  (C3) 

where ὖ is the water permeability (~3.65 L m-2 h-1 bar-1 for the NFX spiral wound module used 

in this study), and ῳὖ and ῳ“  are the transmembrane difference of hydrostatic pressure and 

osmotic pressure, respectively. Osmotic pressure can be estimated using vanôt Hoff equation. 

With given feed solution composition and ion permeabilities, permeate composition can 

be solved with the charge neutrality and steady-state conditions. However, the SDEM model is 

semi-empirical because ὖ is usually not a constant but has a rather complex dependence on the 

feed composition. With experimentally measured local feed concentrations, water flux, and ion 

rejections, Li+ and Mg2+ permeabilities can be fitted (Table C3). We then employed an empirical 

natural logarithm correlation to relate ὖ to the local feed composition: 

ÌÎὖ ‌ÌÎὧȟ ‌ÌÎὧȟ ‌ (C4) 

where ‌ are fitting coefficients (see Table C4). 

The module behavior is then modeled as a function of ὡὙ via a finite difference method. 

The inputs are the applied pressure and the initial feed solution composition. The modified Nernst-
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Planck equation (Eq. C1) and the local permeate flux (Eq. C3) are solved iteratively with ion 

permeabilities as a function of interfacial feed solution composition (Eq. C4) to determine the local 

permeate composition and thus local ion rejections. Species conservation is maintained in the brine 

and permeate when coupling the adjacent differential elements: 

ὧȟ ὡὙ
Ä ρ ὡὙὧȟὡὙ

ÄὡὙ
 (C5) 

where ὧȟ ὡὙ and ὧȟὡὙ are local permeate concentration and bulk brine concentration of 

ion Ὥ at water recovery ὡὙ, respectively. Cumulative permeate concentration, ὧȟ ὡὙ, can be 

then calculated as: 

ὧȟ ὡὙ
ὧ᷿ȟ ὡὙÄὡὙ

ὡὙ
 (C6) 

 For multi-pass filtration without recirculation, each pass can be solved sequentially with 

the permeate composition of one pass used as the feed to the next pass. For multi-pass filtration 

with brine recirculation, the feed of each pass between the 1st and the last pass (i.e., 2nd to N-1th 

pass) is a mixture of the permeate from the previous pass and the brine from the next pass (Figure 

4.1 in the main text). When steady state operation is achieved, the mass balance of water can be 

described as 

ὗ
ὗ ὡὙ ὗ ρ ὡὙ ȟ    ÆÏÒ ὲ ρ ͯ ὔ ρ

ὗ ὡὙ ȟ     ÆÏÒ ὲ ὔ
 (C7) 

where ὔ is number of passes, ὗ  and ὡὙ  are the feed flow rate and water recovery of pass ὲ, 

respectively. ὗ  is the initial feed flow rate and ὡὙ is set as 1. ὗ  is a function of ὗ  and water 

recovery of each pass, and can be solved analytically. The mass balance of ions can be described 

as  

ὧȟ
ὗ ὡὙ ὧȟ ὗ ρ ὡὙ ὧȟ ȟ    ÆÏÒ ὲ ρ ͯ ὔ ρ

ὧȟ ȟ     ÆÏÒ ὲ ὔ
 (C8) 

where ὧȟ, ὧȟ, and ὧȟ are feed, permeate, and brine concentrations of pass ὲ, respectively. ὧȟ 

is set as ὧ, which is the initial feed concentration. ὧȟ depends on both ὧȟ  and ὧȟ , and thus 

is solved iteratively until the steady state is found. 
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Table C1 Composition of the synthetic brine to study impacts of co-existing cations (All cations were 

added as chloride salts). 

 Li+ Mg2+ Na+ K+ Ca2+ 

mM 3.0 17.4 34.0 10.0 2.1 

Molar ratio to Li  1.0 5.8 11.3 3.3 0.7 

mg L-1 21.0 417.6 782.0 390.0 84.0 

Mass ratio to Li 1.0 19.9 37.2 18.6 4.0 

 

Table C2 Rejections (%) of cations in the three-pass Li/Mg separation process. 

 Li+ Mg2+ Na+ K+ Ca2+ 

1st pass -2.76 95.50 0.41 -0.84 88.60 

2nd pass 11.68 92.99 11.26 13.23 85.36 

3rd pass 17.62 86.24 10.50 11.76 80.22 

 

Table C3 Fitted ion permeability at different concentrations and pressure. 

Pass 

number - 

Pressure 

(bar) 

Water 

recovery 

(%) 

Li + 

concentration 

(mM) 

Mg2+ 

concentration 

(mM) 

Permeate flux 

(L m-2 h-1) 

Li + 

permeability 

(ɛm s-1) 

Mg2+ 

permeability 

(ɛm s-1) 

1-2 0 2.9 17.3 3.4 5.9 0.025 

1-2 25 1.9 22.5 2.2 5.0 0.017 

1-2 50 0.8 33.1 1.1 2.5 0.014 

1-4 0 3.2 18.8 9.4 4.9 0.028 

1-4 25 1.5 34.2 6.6 4.7 0.018 

1-4 60 0.8 44.6 4.1 4.6 0.016 

1-4 75 0.2 70.0 1.5 2.9 0.014 

1-6 0 3.2 18.2 15.6 5.5 0.029 

1-6 25 2.2 34.9 11.7 4.5 0.021 

1-6 60 1.6 47.9 9.6 5.0 0.018 

1-6 75 0.8 72.9 6.2 5.9 0.018 

1-8 0 3.2 17.4 18.3 4.2 0.031 

1-8 25 2.8 31.6 13.9 4.1 0.025 

1-8 60 2.5 42.1 11.5 4.3 0.024 
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1-8 75 2.0 69.2 7.5 3.7 0.021 

2-2 0 6.6 2.1 6.2 6.1 0.08 

2-2 50 5.6 3.4 6.2 7.8 0.06 

2-2 75 4.0 7.1 5.4 11.6 0.07 

2-2 85 3.1 10.5 2.6 3.4 0.02 

2-4 0 4.1 1.4 14.1 8.7 0.16 

2-4 50 4.1 2.6 14.8 8.1 0.10 

2-4 75 2.9 3.8 14.4 8.4 0.08 

2-4 85 3.3 7.1 7.5 9.2 0.04 

2-6 0 3.9 1.4 21.9 9.0 0.21 

2-6 50 4.0 2.4 21.7 9.0 0.13 

2-6 75 4.1 4.7 21.2 7.0 0.08 

2-6 85 3.7 8.5 17.8 6.2 0.04 

2-8 0 3.6 1.6 27.4 6.3 0.13 

2-8 50 3.8 2.6 26.9 5.4 0.08 

2-8 85 3.9 7.9 24.3 4.2 0.04 

3-6 0 3.7 0.1 22.2 6.1 0.23 

3-6 50 4.5 0.3 22.2 6.6 0.24 

3-6 75 5.3 0.5 22.2 8.6 0.51 

3-6 85 6.3 0.8 22.2 9.2 0.77 

 

Table C4 Linear correlation coefficients for ion permeability. 

 Ŭ1 Ŭ2 Ŭ3 

Li+ 0.1235 -0.0831 1.8289 

Mg2+ 0.467 -0.4282 -2.4341 

 

Table C5 Li +/Mg2+ concentrations in the feed, brine and permeate of each pass in the simulated four-

pass filtration process. 

  1st pass 2nd pass 3rd pass 4th pass 

With 

recirculation 

Feed 3.9/18.5 5.5/0.84 5.5/0.084 4.8/0.016 

Brine 0.36/89.3 9.2/7.7 11.8/0.69 10.0/0.11 

Permeate 4.8/0.86 5.1/0.08 4.8/0.016 4.2/0.005 

Feed 3.4/19.6 4.2/0.89 4.0/0.078 3.4/0.013 



141 

 

Without 

recirculation 

Brine 0.19/94.4 6.4/8.2 8.6/0.66 7.3/0.10 

Permeate 4.2/0.89 4.0/0.078 3.4/0.013 3.0/0.004 

 

 

Figure C1 Permeate flux at different water recovery under different operating pressures in the 1st pass 

experiment. 

 

Figure C2 Ion mass concentration and MLR in the initial feed, and permeates of each pass. 

 




















